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Abstract
A portfolio of technology strategies will be needed to reach overall greenhouse gas
emissions targets. Implementing systems to separate CO2 from atmospheric emissions
of fossil-fuel power plants is predicted to be a necessary part of this portfolio, especially
in the near term. However, existing carbon capture systems are quite inefficient, using
or otherwise reducing a significant portion of power plants’ electricity output. In order
to improve future systems and make them viable, it is important to understand which
aspects of each system have the most potential to improve, and which systems overall
are most promising for future research and development.
In this work, we examine three representative options for CO2 capture systems.
The first option, an amine absorption system for post-combustion capture, is studied
due to its relative technological maturity. The second system uses vacuum-swing
adsorption and is examined as a post-combustion alternative to the amine system.
The third option is a novel system using oxyfuel combustion in supercritical water,
which facilitates CO2 separation while reducing the irreversibility inherent in fuel
combustion.
For each of these options, the current state of the system is modeled and assessed,
and the potential for improvement of the system’s efficiency is identified and discussed. This assessment is done via an exergy analysis, for several reasons. First,
an exergy analysis provides a direct way to compare each process or unit operation
to its thermodynamically optimal limit. This gives an immediate sense of how much
improvement is actually still possible, thermodynamically, in that process or unit
operation. Second, exergy analysis is a useful tool to compare—on a common basis—
systems that use different types of inputs (heat vs. work vs. matter transfers), such
v

as the three systems studied here.
The first goal of this work is to give targeted recommendations for each type
of system—and to discuss potential limitations—based on the results of the exergy
analyses. A second goal of this work is to provide the correct theoretical modeling
framework to allow an exergy analysis of these types of systems. Because each of
these systems deal with non-standard fluids, calculation of thermodynamic properties
relevant to performing an exergy analysis of these systems is not trivial. The relevant
thermodynamic theory is extended where necessary, in particular in the case of the
adsorption system.
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Chapter 1
Introduction
1.1

Motivation

Awareness of the global climatic impacts of large-scale anthropogenic carbon dioxide
(CO2 ) emissions has led to a wide range of research and industry efforts to curtail
or mitigate these emissions. Notably, given that the electric grid still accounts for
42% of CO2 emissions worldwide [7] and 38% in the United States [8], the electricity sector has been a particular focus of these decarbonization efforts. The grid has
been an especially attractive target for decarbonization because it consists chiefly of
large, stationary emission sources, rather than small and mobile sources like the transportation sector. This makes replacement or retrofitting of existing power plants more
tractable than, for example, replacing an entire fleet of standard internal-combustion
automobiles with low-carbon alternatives.
Some of the reduction in CO2 emissions from the electricity sector can be achieved
by increased use of low-carbon-intensity electricity generation technologies, such as
those using renewable resources, nuclear fuels, and lower-carbon combustible fuels
(biomass, and natural gas as a replacement for coal). Further reductions can be
achieved by improved efficiency of electricity production, transmission, and end use.
However, the most aggressive scenarios for CO2 emissions reduction all involve a
significant contribution from carbon capture and sequestration (CCS) technologies.
1
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These technologies involve the separation of the CO2 produced when burning a carbonaceous fuel to isolate it as a relatively high-purity stream (the process referred
to as carbon capture), and its subsequent permanent storage away from the planet’s
atmosphere (known as carbon sequestration or carbon storage). In scenarios based on
predictive technological, economic, and policy models, CCS technologies are a necessary supplement to emissions reductions from renewable technologies and improved
efficiencies.
For example, the 2015 Energy Technology Perspectives report published by the
International Energy Agency (IEA) defines several possible technology scenarios to
stabilize average global temperature increases due to greenhouse gas emissions [4].
The business-as-usual scenario, in which current trends are extrapolated to 2050 and
beyond, results in a global temperature stabilization at an average of 6◦ C above preindustrial levels. It is therefore known as the six-degree scenario, or 6DS. By contrast,
the 2DS, which predicts global temperatures stabilizing at an average of 2◦ C or less
above pre-industrial levels, and is the most conservative scenario modeled by the
IEA, requires significant implementation of CCS over the next 35 years. Figure 1.1
illustrates this point, indicating that in order to follow the 2DS, 13% of the reductions
in global CO2 emissions across all sectors, and approximately 18% of emissions from
the electricity sector, will need to come from deployment of CCS technologies.
It is worth placing these scenarios in their proper context. Even a two-degree
increase in average global temperatures will have a noticeable effect on our environment. Although it is the most conservative realistic scenario considered by the IEA,
it is by no means an indicator of zero—or even low—risk. As seen in Figure 1.2, a
two-degree temperature increase will result in high risk to “unique and threatened
systems” including cultures and ecosystems, and high risk of extreme weather events
such as floods and droughts, often affecting different portions of the globe much more
strongly than others. An average global temperature increase greater than 2◦ C would
then have greater adverse effects on the planet. In this context, the need for shortterm implementation of carbon capture systems is even clearer.
This reality has led to a surge in research efforts, both in academia (e.g., as reviewed by Kenarsari et al. [9], or by D’Alessandro et al. [6]) and in industry (e.g.,
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Figure 1.1: Contribution of various technologies in different sectors to reductions in
CO2 emissions necessary to move from the 6-degree scenario (6DS, the extrapolation
of current trends) to the 2-degree scenario (2DS, the best-case scenario considered by
the IEA). From [4].
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Figure 1.2: Level of risk for people, economies, and ecosystems due to average global
temperature increases, as assessed by Working Group II of the Intergovernmental
Panel on Climate Change (IPCC). From [5].
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by Mitsubishi Heavy Industries [10], Shell Cansolv [11], Alstom [12]), to develop and
implement carbon capture systems. Complementary but separate research efforts are
studying the feasibility of permanent storage of CO2 away from the Earth’s atmosphere (e.g. [13], [14]), as well as the potential for the commercial use of CO2 either
directly or as a feedstock for making a useful product—a research area known as
carbon utilization (e.g. [15], [16], [17]).
The focus of this dissertation is the thermodynamic evaluation of carbon capture
systems. Given the need for technology development in this area, many systems are
being proposed, researched, and developed. Some of these rely on well-established
methods, while others rely on completely novel materials and process units in an
attempt to improve upon existing technology. These systems therefore exist at vastly
different levels of technological development: some are merely theoretical concepts,
others rely on lab-scale or bench-scale experiments, while others still are complete
pilot plants. Due to this vast range in degree of technological maturity, as well the
variety in system type and operation, it can be difficult to compare and evaluate these
systems quantitatively against a common baseline.
In this work, we use the laws of thermodynamics to inform this evaluation process.
The method of exergy analysis, used here, consists of tracking the absolute thermodynamic potential—the exergy—of all energy and material flows through a process.
The goal of this analysis is two-fold. First, completing an exergy analysis will result
in the exergy efficiency of the system studied. When properly defined, this value can
serve as a directly comparable, rigorous metric by which to assess different systems’
performance. Second, conducting the exergy analysis of a system has the outcome
of identifying the parts of the process that are the most ineffective at converting the
useful energy supplied to them into a different useful form—they destroy exergy, the
useful part of the energy. These parts of the system are thereby identified as the
areas with the most potential for process improvement, and most in need of future
research investment. This can lead to system improvement in two ways: by better
(less irreversible) integration between devices, and by reducing the exergy destuction in individual devices through reducing existing internal gradients in chemical
potential.
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1.2

Carbon capture systems

The various kinds of carbon capture systems are generally organized into three broad
categories: post-combustion capture, pre-combustion capture, and oxyfuel combustion. Post-combustion capture refers to separating CO2 downstream of the combustion process that exists in fossil-fueled power plants. These are currently the most
technologically mature of CO2 capture systems. In these systems, the flue gas from
a fossil-fuel power plant, consisting primarily of nitrogen, carbon dioxide, water, oxygen, and trace species, is passed through a system that separates the gas mixture
to isolate a stream of CO2 at relatively high purity (>90%, >95%, or even >99%,
depending on the desired final use of the CO2 1 ). The remaining gases, having been
cleaned of CO2 , are then vented to the atmosphere.
Pre-combustion capture refers to a process by which CO2 is separated from a
fuel prior to its complete combustion, but after its gasification or partial oxidation.
In this process, combustible synthesis gas (or syngas), comprised mainly of carbon
dioxide and hydrogen with some water vapor and carbon monoxide, is produced
by gasification and reformation of a solid fuel (or simple reformation of a gaseous
fuel), and subsequent use of the water-gas shift reaction. The CO2 is then separated
from the gas mixture, so that the hydrogen—the remaining fuel—can be used in an
electricity-producing system. The separation process for removing CO2 from syngas is
generally easier than the separation in post-combustion capture. The CO2 in syngas is
at high pressures and at relatively high concentrations, which results in large driving
forces for separation, and also delivers the CO2 stream at higher pressures than postcombustion systems (this is helpful because CO2 must be pressurized to ≈150 bar
for pipeline transportation). However, pre-combustion capture units may be more
difficult to add as retrofits to existing plants than post-combustion units.
In oxyfuel systems, the entire combustion strategy is changed to facilitate the
isolation of CO2 . In electricity-generating systems associated with post-combustion
or pre-combustion capture, the combustion itself is done in the presence of air. The air
supplies both the oxidizing agent (oxygen) needed to burn the fuel, as well as an inert
1

For example, the CO2 injected at the Weyburn-Midale site in Saskatchewan, Canada must be
at a purity of 95% [18].

1.2. CARBON CAPTURE SYSTEMS

7

moderator (nitrogen and other inert gases) needed to keep combustion temperatures
below materials limits. For pre-combustion capture systems, the presence of nitrogen
in combustion does not affect the separation, as this will have been completed prior to
the fuel’s combustion. However, one of the difficulties in achieving post-combustion
capture is that the large amount of nitrogen in the flue gas dilutes the CO2 , making the
separation challenging. Oxyfuel systems attempt to remedy this issue by combusting
the fuel in high-purity oxygen instead of air, with some combination of CO2 and/or
water vapor supplied to moderate the reaction and keep the temperatures within
acceptable limits. This combustion strategy has the effect of producing a flue gas
stream that is primarily CO2 and water. The separation of water from CO2 by
condensation is then much more easily achieved than the separation of CO2 from N2
in post-combustion capture. The penalty paid by oxyfuel systems, however, is that
they must expend useful energy isolating a stream of oxygen in an air separation unit.
As of 2015, carbon capture and sequestration technologies are still in a relatively
early stage of technological development. That said, significant progress has been
achieved over the course of the past year. The first—and only, as of 2015—project
to be built by industry, operated by an electric utility, and to successfully capture
CO2 at a commercial scale went online in late 2014 at the Boundary Dam coal-fired
power station operated by SaskPower in the Canadian province of Saskatchewan. The
capture system was added as a retrofit to a unit of the power plant that currently
generates 120 MW (net) of electricity, according to a press release from SaskPower in
February 2015 [19]. The Boundary Dam carbon capture system is expected to isolate
CO2 at the rate of 1 million tonnes per year over the course of 2015. The captured
CO2 will be used primarily for enhanced oil recovery in the adjacent Weyburn oil field,
but approximately 10% of the CO2 will be sequestered permanently underground in
a deep saline aquifer at the nearby Aquistore Project. An April 2015 press release
by Aquistore indicated that initial injection had begun at this site, at a depth of 3.4
km underground [20]. The system used at the Boundary Dam power plant is a postcombustion capture unit. At the moment, neither pre-combustion capture nor oxyfuel
combustion have yet achieved the degree of technological maturity of post-combustion
capture.
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When discussing the three broad categories of carbon capture systems, it is important to note that no one single technology or process configuration exists for each one.
Post-combustion capture can be achieved in a variety of ways, as can pre-combustion
capture and oxyfuel combustion. Figure 1.3 gives a simple, though not exhaustive,
description of the variety of possible mechanisms used in CO2 capture. While we will
not detail the operation of each of the separation techniques here, several points are
worth appreciating from the diversity shown in this diagram.

CO2 Capture

Post-Combustion

Absorption

• Chemical (e.g.
alkanolamines)
• Physical (e.g.
ionic liquids)

Adsorption

• Zeolites
• Metal oxides
• Metal-organic
frameworks
• Carbonaceous
adsorbents

Pre-Combustion

Cryogenic
Distillation

Oxyfuel Combustion

Membranes
• Inorganic (e.g.
ceramic,
hydrogen
transport, ion
transport)
• Polymeric
• Hybrid

Gas
Hydrates

Chemical
Looping

• Metal oxides

Adapted from D’Alessandro et al. 2009.

Figure 1.3: Diagram adapted from [6] illustrating the large variety in proposed and
existing carbon capture types (second row), separation techniques (third row), and
specialized materials needed to enable the separation (bottom row).
First, these technologies can be integrated with the power plant in different ways:
for example, by steam extraction from the electricity-generating cycle, by using electricity generated on site, or by using waste heat from elsewhere in the plant. This
integration with the plant may or may not have been optimized to minimize the
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reduction in electricity generation depending on how well-studied the technology is.
Second, the separation techniques listed in the third row span a range of technological
maturity, from absorption systems at the best-developed, to the use of chemical looping and gas hydrates at the least. There is a concomitant range in our understanding
of the system’s actual operation, and whether its operating parameters have been
chosen near-optimally or merely as placeholders awaiting future refinement. Finally,
some of the materials listed in the bottom row are very well understood, and wellvalidated models exist to represent their physical and/or chemical behavior. This is
the case of some alkanolamines and some zeolites, for example. At the other end of
the spectrum are materials that have been merely theorized in computer simulation—
for example, some metal-organic frameworks and some ionic liquids—and for which
no comprehensive, experimentally-based property models exist yet.
This discussion is intended to show the considerations that must be taken into
account when making comparisons of different systems—our current level of understanding of that system must be acknowledged. We will revisit this issue when justifying the system modeling choices made over the course of this dissertation.

1.3

Bases for evaluating carbon capture systems

Evaluating and comparing carbon capture systems is a common goal of many academic researchers, research funding groups, and researchers in industry. Therefore,
there currently exist numerous published studies intended to deepen the scientific
community’s understanding of the current state of this technology. These studies
range in scope from detailed studies of a subset of systems, to review papers surveying the progress of current research efforts in a specific subfield, to multi-year analyses
and exhaustive descriptions of large numbers of existing and proposed systems. Depending on the intent of the study, they also vary in their analysis techniques.
Detailed technological assessments (such as those produced for the IPCC [21],
or for the Clean Air Task Force [22]) can identify existing gaps in the scientific or
engineering understanding of carbon capture systems, in order to help set future
research direction. They can also be used to compare different systems, for example,
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by tabulating the reduction in plants’ electricity output for different combinations of
fuels and capture techniques. An analysis performed for the IEA in 2007 indicated a
reduction of output in the range of 17-21% for coal plants, and 11-20% for natural gas
plants [23]. Here, post-combustion capture by absorption had nearly the same impact
on coal plants’ output as oxyfuel combustion or pre-combustion capture, whereas for
natural gas plants post-combustion capture by absorption was significantly better
from an output standpoint. The U.S. Department of Energy (DOE) and National
Energy Technology Laboratory (NETL) published an extensive study of several fossilfuel power plants with and without CO2 capture [1] 2 . They observed that the addition
of CO2 capture units resulted in a 28% reduction in output (per unit fuel input) for
pulverized coal (PC) plants with post-combustion capture, and a 16-27% reduction
for coal plants with pre-combustion capture (using integrated gasification combinedcycle plants, IGCC). For natural gas combined cycle (NGCC) plants, a 15% output
reduction occurred due to post-combustion capture. Another detailed study in 2012
[24] indicated a reduction in net plant output of 18-30% for coal plants, and 14%
for natural gas plants, and as in the NETL report, the oxyfuel technologies were
somewhat better than post-combustion capture for coal plants—indicating either an
improvement since 2007, or slightly different base configurations considered in each
study.
Carbon capture systems can also be evaluated by quantifying their economic impact on the power plant. Various methods can be used to evaluate this impact, as laid
out by Rubin et al. in a 2013 white paper [25]. Here, we will only give an indication
of the effect of carbon capture processes on the resulting cost of electricity (COE). In
the 2007 IEA study, capturing CO2 from a coal plant was seen to increase the COE
by around 40% for post-combustion capture, by 45% for oxyfuel combustion and
by 24-32% for pre-combustion capture [23]. However, it must be noted that the base
plant used for pre-combustion capture (IGCC) already had a significantly higher COE
than the other plants, such that the final COE for plants with pre-combustion capture
was not significantly different than the COE for the other coal plants with capture.
2

Note that the version of the DOE/NETL study used in this work is the 2013 version. During
the writing of this thesis, DOE/NETL released an updated version [?] that uses the Shell Cansolv
amine used at the Boundary Dam site instead of the Fluor Econamine system.
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For natural gas plants, post-combustion capture incurred a 25-29% increase in the
COE, while oxyfuel systems resulted in a 60% increase. By the 2013 DOE/NETL
report, the COE penalties were found to be even greater for all systems: around
80% COE increase for post-combustion capture from coal plants, 38-50% increase
in COE for pre-combustion capture from coal plants, and 46% increase in COE for
post-combustion capture from natural gas plants [1].
Some of the difficulty in comparing capture technologies can be due to disparate
degrees of development. The Technology Readiness Level (TRL) scale is often used
to systematically organize this information. Originally developed by NASA as a
gauge of space-readiness and now adapted to other fields including carbon capture
and storage, the TRL classification ranges from 1 at the least developed to 9 at the
most. This scale is often used in comprehensive reports on the state of carbon capture,
such as those by the U.S. DOE [26], the Global CCS Institute in Australia [27], or the
Electric Power Research Institute (EPRI) [28]. At the moment, the majority of carbon
capture systems are at a TRL of 3-4, indicating a lab-scale or bench-scale level, with
solvent-based post-combustion capture systems the only ones to have achieved the
pilot-plant level (TRL 7 and up). The value in organizing systems in this way is both
to quantify the risk still remaining before investing in building a new systems (lessdeveloped systems being riskier), and to give a sense of how much uncertainty still
exists in economic or other metrics (less-developed systems being more uncertain).
Regardless of the metric—whether evaluating economics, technological maturity,
or technical performance—several questions often arise: How much better can these
systems become? How much potential for improvement is there in newer technologies
relative to established ones? And how much potential still remains in the more
established systems? Finally, how do we fairly compare different technologies, which
could be integrated with different plants powered by different fuels and in different
configurations?
Using exergy analysis can help answer these questions from a technical standpoint,
by identifying the thermodynamic potential of the system, and the places where this
potential is not realized. By identifying the locations where exergy is destroyed in
the system—the locations of greatest inefficiencies—we can begin to understand the
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limitations of each system, whether they due to issues inherent in the capture process
or merely due to poor integration with the rest of the plant. This is the approach
taken in this dissertation.

1.4

Organization of the dissertation

A key part of this thesis is the analysis technique, which is motivated in a more
detailed manner in Chapter 2, along with a survey of previous exergy or other 2ndLaw analyses of carbon capture systems. As is seen in Chapter 2, carbon capture
systems do not currently separate CO2 in a thermodynamically efficient way, with
exergy efficiencies around 20% for the separation alone in post-combustion capture
systems (indicating that five times more exergy must be supplied than is theoretically
required).
The reasons for these inefficiencies is explored over the four subsequent chapters
through the use of three carefully chosen canonical examples for systems with CO2
separation. First, a post-combustion capture system using amine absorption is analyzed in Chapter 3. This system, which is modeled after the post-combustion capture
unit from the 2013 DOE/NETL report [1], is representative of a highly advanced,
technologically mature process. Analyzing it will enable us to discern whether there
are significant remaining areas for improvement in this system. Due to its relative
level of development, this system also serves as a baseline against which to evaluate
other carbon capture systems, particularly other post-combustion capture options.
Chapter 4 introduces and examines such a system: a post-combustion capture
process by vacuum-swing adsorption (VSA). Pressure-swing adsorption systems (of
which VSA systems are a subset) have been used industrially to separate CO2 from
mixtures of other gases, but have not yet been built to capture CO2 from the flue
gas of a power plant at scale. As such, this system is representative of a technology
at an intermediate level of maturity, where some aspects of the system operation
are known, well-validated, and even optimized, but others are not. In Chapter 4, it
becomes clear that a clear understanding of the thermodynamics of adsorption and of
adsorbed phases are necessary to enable a detailed exergy analysis of the adsorption
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column. This is explored in detail in Chapter 5. Therefore, Chapters 4 and 5 should
be considered to exist together as a complementary but distinct sections of the overall
VSA system analysis.
The third chosen process, in Chapter 6, is a novel system based on oxyfuel combustion in a moderating medium of supercritical water. This is a system that is in
an early stage of technological development: while some segments of the system have
been studied experimentally, the majority of the process has been explored through
building appropriate models. Moreover, because this is a system in which CO2 is
separated differently than in a post-combustion system, the inclusion of this system
provides an opportunity to discuss proper choices of system boundary and reference
systems for comparison.
Chapter 7 then closes with discussion and concluding statements. First, the potential for improvement of carbon capture systems as identified by exergy analysis
is discussed. A secondary theme runs through this dissertation, however. For each
of the three systems considered, careful modeling decisions are necessary to enable
exergy analysis. Each of these systems include fluids, substances, or mixtures that
behave very non-ideally, and for which well-defined property models are needed. In
some cases, it was found that the property models in common use were either not
sufficient for exergy analysis, or needed significant adjustment. Therefore, while each
chapter (including the concluding Chapter 7) will certainly have the primary goal of
providing an assessment of the exergy destruction in the system, its secondary goal
will be to build a framework for the property modeling decisions that are necessary
to enable this analysis.
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Chapter 2
Exergy Fundamentals for CO2
Capture
In this chapter, we introduce the framework to be used in the analysis of the systems
modeled in this dissertation. The use of exergy analysis to evaluate carbon capture
systems will first be explained, in particular relating to the careful identification
of system boundaries, and of the requirements that must be fulfilled for properties
models for fluids to enable this analysis. The use of thermodynamic metrics, including
exergy, to evaluate carbon capture systems is not new. Therefore, it is worth reviewing
some of the ways in which previous studies have used thermodynamic analyses for
carbon capture in order to position the framework presented here in their context.
This is done in the latter portion of the chapter.

2.1

Exergy analysis as a method for process evaluation

Exergy is a thermodynamic property that quantifies the maximum possible work that
could be extracted from a resource if that resource were to be fully equilibrated—
thermally, mechanically, and chemically—with the environment. Given this description, it can also be thought of as the environmental free energy [29]. By comparison,
15
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the Gibbs free energy is the maximum possible work that can be extracted from a resource undergoing an isothermal and isobaric process, and the Helmholtz free energy
is the maximum possible work that can be extracted from a resource undergoing an
isothermal and isochoric process.
Unlike energy, exergy is not a conserved quantity. In any real process, exergy is
destroyed. In this quality as a non-conserved property, it is more akin to entropy,
although it does have the same units as energy. A process that is more thermodynamically efficient—less irreversible—will destroy less exergy, and a process that destroys
large amounts of exergy should be examined for possible improvement. Mentioning
irreversibility suggests a direct relationship between entropy generation and exergy
destruction. This relationship is given by the Gouy-Stodola equality [30]
Xdest = To Sgen

(2.1)

which is valid for any process, and where To refers to the environmental temperature.
In any process, the exergy destruction can be found from the balance equation
Xdest = Xin − Xout − ∆X

(2.2)

Tracking and quantifying the exergy destroyed in a system is useful for two primary
reasons. The first is the identification of a performance metric, the exergy efficiency
ηx , for a system. Depending on the desired output of the system (e.g., shaft work,
or high-purity product), the exergy efficiency may be defined differently. However,
all definitions amount to comparing the exergy supplied to the system to the exergy
of the desired output of the system. Because exergy can be precisely defined for any
substance or energy transfer, systems that may otherwise take very different inputs
(e.g. work, steam, heat transfer) can be compared on an even basis: on the basis of
how well they use the exergy supplied to them, as quantified in an exergy efficiency.
The definition of exergy efficiency for different types of carbon capture processes is
discussed in Section 2.1.1.
The second reason for tracking exergy destruction is to analyze the internal operation of a system. This consists of finding not just the exergy efficiency of the system,
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but also identifying the locations in the system where the exergy destruction occurs.
This is calculated by applying the balance equation in Eq. 2.2 to individual devices or
processes. In order to perform these calculations on individual devices, the operation
of the system must be understood well enough to be able to calculate the exergy and
entropy of any transfers to the device as well as any exergy or entropy accumulated
inside the system. This is discussed in Section 2.2.

2.1.1

Exergy efficiency of a system

Post-combustion capture systems
Post-combustion CO2 capture systems are separation processes. As shown in Figure 2.1, they take in a flue gas that contains 4-15% CO2 by mole (for fossil-fuel power
plants), and deliver high-purity CO2 as well as a waste stream largely scrubbed of
CO2 . Afterwards, the CO2 is often compressed to high pressures (around 150 bar)
for transport or storage.
The laws of thermodynamics indicate that a minimum amount of exergy must
be supplied to any system to achieve such a separation, even when operating ideally
(reversibly). This minimum exergy of separation Ẋmin,sep is then the bar against
which real separation systems can be evaluated. This quantity is sometimes referred
to as the minimum work of separation [31], [32], but we prefer the term exergy here to
indicate that any kind of useful energy could be supplied, not only work (for example,
the exergy supplied to amine-based post-combustion capture systems is typically from
heat exchange with steam, not from work). Similarly, a minimum amount of exergy
Ẋmin,comp is necessary to compress the CO2 product stream to high pressures.
The minimum exergy of separation for a steady-flow system can be found from a
balance equation,
Ẋmin,sep = ṄLP CO2 ψ̂LP CO2 + Ṅwaste ψ̂waste − Ṅf lue ψ̂f lue ,

(2.3)

where Ṅ is the molar flow rate, and ψ̂ is the mole-specific flow exergy of the fluid,
and is given by differences in the thermodynamic properties of the fluid stream at its
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FLUE

WASTE

SEPARATION
(steady)

LP CO2

COMPRESSION
(steady)

𝑿𝒎𝒊𝒏,𝒔𝒆𝒑

HP CO2

𝑿𝒎𝒊𝒏,𝒄𝒐𝒎𝒑

Figure 2.1: Definition of the minimum exergy of separation.

state in the system and at the environmental state
ψ̂ = ĥ − ĥo − To (ŝ − ŝo ) −

X

µi,o (yi − yi,o )

(2.4)

Here, the subscript o refers to properties at the environmental state, µi is the chemical
potential of chemical species i, and yi is the mole fraction of species i. The properties
without subscript o are evaluated at the state of fluid. For example, the minimum
exergy needed to isolate a stream of CO2 at 95% purity from a model of flue gas as
a binary mixture of 85% N2 and 15% CO2 , while capturing 90% of the CO2 , is 0.13
MJ/kg-product if all fluids are taken to be at 25◦ C and 1 atm.
We can then define the exergy efficiency of a real separation process ηx by comparing the actual exergy supplied Ẋsep,actual to the minimum exergy of separation,
ηx =

Ẋmin,sep
.
Ẋsep,actual

(2.5)

Because we have so far not imposed anything about the operation of the system,
nor the path through the separation process, we could refer to this as a “black-box”
exergy efficiency—a valid metric that can be identified from the transfers alone.
This metric provides a direct way to compare different post-combustion capture
systems to each other. Systems with lower exergy efficiency are further from their
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thermodynamically ideal operation, and therefore could still have room for improvement. In fact, the “room for improvement” can be defined directly from the difference
between the known values of Ẋactual and Ẋmin as the exergy destroyed in the system
Ẋdestroyed = Ẋactual − Ẋmin .

(2.6)

This is simply a statement that any exergy that is supplied that is not strictly required
by the laws of thermodynamics is instead destroyed in the system. When we then
perform a detailed exergy analysis of each of the devices in the system (as described
in Section 2.2), the sum of all the exergy destruction identified in each of the devices
in the separation must equal the total exergy destroyed in the system as identified
in Eq. 2.6. This provides a way to check that the same system boundary is used for
both the black-box exergy efficiency calculation and the detailed exergy analysis.
We used an example of separating flue gas that was modeled as a binary mixture of
nitrogen and carbon dioxide, and a separation process for which the inlet and outlet
flows were imposed to be at constant temperature and pressure. Often however,
published information about the actual operation of carbon capture units includes
flue gas that enters the separation system as a mixture including several more gases
(including water vapor), and at temperatures that are higher than the temperature
of the waste gas and CO2 product. A minimum exergy input can still be defined for
such a system, following Eq. 2.3. Arguably, this is then not just a minimum exergy
of separation, and instead a combined minimum exergy of separation and of some
other state change. When defining a performance metric like an exergy efficiency in
Eq. 2.5 then, it is important to define the minimum exergy requirement a system
with the same boundaries and the same transfers—with the same flows of flue gas,
stack gas, and CO2 product at the sames states—as the system for which the actual
exergy transfer is defined.
Quantifying the actual exergy transfer may require some thought as well, depending on the type of system. If the exergy supplied to the system is in the form of work,
the situation is relatively simple, because the entirety of energy transferred as work
has the potential to be useful (so ẊW = Ẇ ). However, if exergy is supplied to the
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system as heat transfer or with matter, it is important to pay careful attention to
defining the system boundary. The exergy transferred with heat is


To
ẊQ = Q̇ 1 −
Tb


(2.7)

where Tb is the temperature of the boundary at which the heat transfer enters the
system.
Placing the boundary in the “correct” position depends on what one considers
the carbon capture system to be, and for which analysis purpose. For example, if
heat is transferred to the capture system from a hot process stream from elsewhere
in the plant, it would be valid to define the boundary to be at the point where the
hot process stream enters and leaves the heat exchanger (as shown in Figure 2.2b).
With the system boundary drawn this way, the entirety of the exergy destruction that
happens as a result of the carbon capture process is accounted for—and therefore,
the entire effect on the rest of the plant is counted. It would also be valid to define
the boundary right at the temperature of the carbon capture system (as shown in
Figure 2.2a). However, in this case, one would only evaluate how well the capture
process performs with the exergy that is directly supplied to it (i.e., how far from
thermodynamically optimal the capture process itself is, rather than how well it is
integrated into the rest of the plant). This issue will be revisited in Chapter 3.
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LP CO2

LP CO2

𝑸

𝑿𝑸
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hot stream

WASTE

(b)

hot stream

𝑿𝒊𝒏 = 𝑿𝒉𝒐𝒕,𝒊𝒏 − 𝑿𝒉𝒐𝒕,𝒐𝒖𝒕

Figure 2.2: The system boundary is not necessarily clearly defined when exergy is
transferred to the separation system via heat transfer from another process stream.
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Integrated capture systems
Some types of CO2 capture processes do not occur as separate modules independent
from the electricity-producing system, but are instead an intrinsic part of it. This
is the case for oxyfuel systems, for example. In oxyfuel systems, the CO2 separation
occurs because the fuel is first combusted in an environment of oxygen, CO2 , and water. Separating CO2 from the resulting combustion products, which are only CO2 and
water, is much easier than separating CO2 from nitrogen and other non-condensable
gases as is needed in post-combustion capture.

FUEL
AIR

POWER PLANT
WITH CO2
CAPTURE

WASTE
LP CO2

𝑿𝒄𝒐𝒎𝒑

COMPRESSION
(steady)

HP CO2

𝑿𝒐𝒖𝒕 = 𝑾𝒐𝒖𝒕
Figure 2.3: Power plant with completely integrated CO2 separation system (e.g.,
oxyfuel system).

In these systems, the process of separating CO2 does not happen in a specific
part of the system, so it is not possible to define a minimum exergy of separation in
the same way as for post-combustion CO2 systems. However, we can still define a
thermodynamic metric for the operation of the system. The exergy efficiency ηx is
once again a ratio between the actual operation of the system and the exergy supplied
to it. The exergy supplied to this system is in the fuel for the power plant, which
transfers exergy to the system at the rate of Ẋf uel . If there were no exergy destruction
in the system, all of the fuel exergy would be converted to electrical work output,
Ẇout . In reality, some of the fuel exergy is destroyed in the system, and the exergy
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efficiency for this type of process is defined as
ηx =

Ẇout
Ẋf uel

(2.8)

However, the exergy efficiency of this system (which is mainly an electricitygenerating system, not mainly a separation system) cannot be directly compared
to the exergy efficiency of a post-combustion capture system alone1 . Instead, the exergy efficiency of the plant in Figure 2.3 could be compared to a power plant operated
using the same fuel, but without a carbon separation process, in order to isolate the
effect of having incorporated such a process. This issue will be revisited in Chapter
6.

2.1.2

Exergy analysis to identify losses and drive system improvement

After a black-box exergy efficiency is defined, the potential for improvement in the
system can be explored by the calculation of the exergy destruction in each of the
devices in the system. For each device, Eq. 2.6 is used to calculate Ẋdest . The first
necessary step is to build a computer model of the system in order to identify the state
at which streams enter and leave each device, based on the known overall transfers
to and from the system, and based on other known information about the particular
system’s operation. The second necessary step is to use a set of fluid property models
that allow for an exergy analysis to be performed.

2.2

Fluid property methods to enable exergy analysis

In order to model and analyze a chemical system, the thermodynamic properties of the
working fluid(s) must be accurately represented. First, there must exist accurately
1

Except to say which is farther from its own thermodynamically-ideal operation.
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measured experimental data for the fluid in the thermodynamic region of interest
(or, barring this, a well-known and well-understood representation should apply in a
certain limit—for example, the ideal gas law at large specific volumes, or Henry’s law
at low solute concentrations). Then, a mathematical model is fit to a certain range of
these experimental data, generally representing some parts of that range more closely
than others. Uncertainty or inaccuracy in either the original data measurement, or
in the local behavior of the mathematical fit, will lead to uncertainty or inaccuracy
in the results of the system operation.
However, stricter constraints than simply accuracy are imposed on the forms of
mathematical property models by the laws of thermodynamics. All bulk2 fluids—
whether pure substances or mixtures—have thermodynamic properties that are interrelated by way of a single equation [33], the fundamental relation
S = S(U, V, {Ni })

(2.9)

the differential form of which is the Gibbs equation
T dS = dU + P dV −

X

µi dNi

(2.10)

i

and the integral form of which is the Euler relation.
TS = U + PV −

X

µi Ni

(2.11)

i

From the combination of Eqs. 2.10 and 2.11 comes the Gibbs-Duhem equation,
which must hold as a relationship between thermodynamic properties of the same
bulk fluid at all times in order to ensure thermodynamic consistency.
X

Ni dµi = −SdT + V dP

(2.12)

i=1

Equations of state, and property methods that result from the implementation of
2

5.

Bulk fluids as separate from a two-dimensional surface phase, which will be treated in Chapter
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these equations of state in computer code or software, should exist in a way that
is thermodynamically consistent in order to correctly calculate properties, such as
entropy, at a given thermodynamic state.

In theory, stating that property models must agree with Eq. 2.12 mainly has implications for identifying correct and incorrect mixing rules for chemical species. For
example, the issue of identifying thermodynamically consistent activity coefficients
for real mixtures can be resolved by testing for adherence to Eq. 2.12, as explained
by Van Ness [34]. For mixtures of bulk gases, thermodynamically correct mixing
rules are often taken for granted. However, for non-ideal liquids (such as solutions
of electrolytes) or for unusual phases such as the adsorbed surface phase considered
in Chapter 5, mixing rules may exist that are correlation-based or which use simple
addition of properties with weighting factors (for ease of calculation). Following a
thermodynamically consistent rule that obeys Eq. 2.12 may not necessarily be important for systems where the analysis goal is related to the first law of thermodynamics
(e.g., calculating heat transfer from an absorber column), but it is essential for calculating entropy values. The idea that any chemical equilibria that are modeled in the
system must be modeled consistently with the rest of the thermodynamic framework
(rather than by an independent correlation, as is sometimes done for equilibrium
constants) is also an important issue for these calculations.

In practice, even if Eq. 2.12 is correctly built into the theory of the equation
of state or mixing rule, the implementation of complex mixtures in commercial or
custom-written code is not always correct due to inadvertent error. Testing the computer modeled system for adherence to Eq. 2.12 can then serve as a useful way to
identify any problems in implementation. In this dissertation, we revisit the issue of
thermodynamically consistent equations of state, mixing rules, and computer implementation in several systems in which the correct calculation of entropy values is not
trivial.
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Previous thermodynamic analyses of carbon
capture systems

Several previous studies have attempted to structure, explore, and resolve the issue
of exergy destruction in carbon capture systems. These studies can be classified
into three general categories: (1) discussion and prescription of the correct choice
of framework to analyze these systems in a useful way; (2) black-box comparisons of
several different systems; and (3) detailed exergy analyses of specific system to enable
process improvement.

2.3.1

Thermodynamic frameworks

In a 2011 publication, House et al. discussed the thermodynamic limits relevant to carbon capture systems using the minimum work (exergy) of separation discussed earlier
[35]. Although their study is primarily concerned with the feasibility of CO2 capture
from ambient air rather than from point sources like power plants, a noteworthy comment about point-source capture is made. In their Figure 3, the exergy efficiencies of
several separation processes relevant to carbon capture—post-combustion from coal
and natural gas with amine absorption, air separation, pre-combustion separation
of CO2 from syngas—are plotted. All of these efficiencies are between 15 and 25%;
moreover, the efficiencies generally decrease as the mole fraction of CO2 in the inlet
stream decreases. These values are very low. By comparison, the exergy efficiency of
electricity-producing cycles (e.g. natural gas combined cycles) can reach nearly 60%.
This leads us to ask why these values are so low, and whether they can be raised.
Luis [36] made an appeal to the chemical process industry to use exergy analysis
as tool for improving the operation of separation processes in general, and of CO2
capture processes in particular. She drew upon the work of Leites et al. [37] to
give specific recommendations, including the reduction of driving forces in contacting
columns and other process units.
Jordal [38] additionally pointed out the importance of carefully selecting appropriate system boundaries and reference systems when analyzing and comparing carbon
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capture systems. Although her recommendations are for technical analyses in general (using LHV efficiencies as a metric), they are very relevant to exergy analyses.
Jordal’s discussion of sensitivity to chosen fuel, of the inclusion of auxiliary systems
(e.g. air separation units) within the system boundary of the plant, and of other considerations, is important when comparing any dissimilar systems on an even basis.
Finally, we mention the University of Texas metric for measuring reduced work
output from power plants due to CO2 capture units (as implemented in Rochelle et
al. 2011 [39], among others). In these calculations, an efficiency metric is defined by
a fraction that places the minimum work (or exergy) of separation in the numerator.
The denominator is the sum of the work actually supplied to the system, and a
“work-equivalent” value of the heat transferred to the system from steam. While this
initially appears to be similar to an exergy efficiency, it is not an exergy efficiency
due to way in which the heat transfer is valued. The work-equivalent value in these
systems is the heat transfer to the system, multiplied by a Carnot fraction with the
stripper reboiler temperature as Thot and the steam cycle condenser temperature as
Tcold , multiplied by the isentropic efficiency of the steam turbine. This quantity is
therefore not the steam’s exergy, but instead a measure of the steam’s ability to do
work in the power plant—which is a smaller quantity than its exergy, since power
plants are not 100% exergy efficient. An efficiency defined in this way thus results
in higher percentage values than the corresponding exergy efficiency in most cases.
While this efficiency metric does account for the fact that electrical work is more
valuable to the steam power plant than steam exergy, it cannot be directly compared
with exergy efficiencies of other systems.

2.3.2

Black-box comparisons

Treating separation units as black boxes can be useful to compare different systems
quickly without making detailed process models.
Simpson and Simon [40] compared an oxyfuel combustion process to a system
with post-combustion capture by amine absorption, in order to identify the exergy
efficiency improvements in separation processes that would be necessary to make one
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viable relative to the other. They used exergy efficiencies from the literature, finding
that amine absorption systems had exergy efficiencies of 10-14% and air separation
units (for the oxyfuel system) had exergy efficiencies of 15-25%. These efficiencies
were defined on the basis of comparing the actual exergy supplied to these systems
to the minimum exergy of separation.
Lara et al. [41] compared the exergy efficiency of six options of processes for CO2
separation from coal-fired power plants. Two were post-combustion capture systems:
one by amine absorption, and one using a calcium oxide/calcium carbonate looping
cycle. Three were pre-combustion capture systems: one using adsorption, one using a
zeolite membrane, and one using absorption in the solvent Selexol. The sixth system
was an oxyfuel process. The importance of clearly defining the system boundary
and the desired product for an exergy analysis can be seen in this study. For the
pre-combustion capture systems, the exergy efficiency was defined by dividing the
exergy of the hydrogen produced by the exergy of the coal supplied, and the resulting
values were in the range of 68-79%. By contrast, the exergy efficiencies for the postcombustion and oxyfuel systems were found to be in the range of 32-39%, because
the exergy efficiency for these systems was defined as the exergy of the steam sent to
the power cycle, divided by the exergy of the coal supplied to the system. Therefore,
while each of these values can be used to compare systems defined within the same
system boundary, a direct comparison of these pre-combustion exergy efficiency values
to those of post-combustion systems is not possible.
Kvamsdal et al. [42] studied nine different concepts, including many novel systems,
for electricity generation from natural gas including CO2 capture. Although these systems are analyzed on the basis of LHV efficiency and not on the basis of either exergy
efficiency or of identifying exergy destruction in devices, this study is useful due to
having implemented the well-defined boundaries and consistent assumptions outlined
by Jordal [38]. In this study, several systems were found to perform much better
than the standard NGCC with post-combustion amine absorption capture. However,
these were mostly new concepts where the combustion strategy was altered significantly from the base case. For example, the two best-performing systems included
one based on a solid-oxide fuel-cell, gas-turbine hybrid system; the second concept
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replaced the combustor with a mixed combusting membrane. Therefore, this study’s
results can be interpreted more as a statement on alternative combustion strategies
than on varying carbon capture methods.
Treating separation systems as black boxes can also be useful for combining several
different post-combustion capture options in a hybrid system. For example, Fong
et al. [43] combined a vacuum-swing adsorption system with a membrane system
and a cryogenic separation system to achieve higher CO2 purity and recovery, while
maximizing the exergy efficiency of the overall separation system.

2.3.3

Detailed exergy analyses

Exergy analyses of detailed process models have been performed, sometimes in order
to improve a particular system, and other times to provide a comparison of two
systems in a more detailed way than could be done by merely defining a black-box
exergy efficiency.
Pre-combustion capture and oxyfuel systems
Guedea et al. [44] compared two novel ways to use coal as a fuel for electricity generation. The first system they modeled used oxyfuel combustion in a pressurized
fluidized bed combustor. The second system they examined used chemical looping
combustion, which is an oxyfuel strategy that uses oxygen from a metal oxide instead
of from an air separation unit. Therefore, they were comparing two different implementations of oxyfuel systems with coal. In both cases, the majority of the exergy
destruction was found to be in the combustion section (as expected), but the chemical
looping cycle was found to have an overall higher exergy efficiency.
Erlach et al. [45] also compared two novel coal-based systems, but both using
an integrated gasification combined cycle (IGCC) system rather than a simple cycle.
One of the systems captured CO2 by using the solvent Selexol in a pre-combustion
capture process, while the other used chemical looping combustion. They calculated
the exergy destruction in individual devices in each of the two base systems. Then,
they used these results to vary targeted operating parameters and achieved small
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efficiency gains, with overall plant exergy efficiencies reaching 36-38% for the chemical
looping combustion case and 34-35% for the pre-combustion capture case. In a similar
study, Kunze et al. [46] also modeled an IGCC system with pre-combustion capture
by solvent absorption, and found a 40% exergy efficiency in their base case. However,
by altering the process parameters (and the process units, to some extent) to include
hot gas clean up, they improved the integration of system components and raised the
overall plant exergy efficiency to 54%.
The effect of pre-combustion capture on natural gas power plants has also been
studied, by Ertesvåg et al. [47]. As with the coal studies, they first found the exergy
efficiency of their base plant with CO2 capture, which was 47%, and adjusted process
parameters until achieving an improvement in the overall efficiency (in their case, by
3 percentage points).
Post-combustion capture
Exergy analyses of post-combustion capture systems have been performed for systems using coal as a fuel as well as natural gas. Romeo et al. [48] modeled a type of
post-combustion capture process that reacts calcium oxide with CO2 to form calcium
carbonate. They used flue gas from a coal plant. By using the results of a detailed
exergy analysis to direct process improvement, they were able to reduce the consumption of additional coal in their system (relative to the plant with no CO2 capture) by a
factor of 2.5. Meanwhile, Zhang et al. [49] also studied post-combustion capture from
coal plants, but used a two-stage membrane process to achieve the separation. They
found the combined capture and compression process to have an exergy efficiency of
53%, with the greatest exergy destruction occurring in the first membrane stage.
Three key studies have performed exergy analyses of post-combustion capture by
amine absorption, and all three used systems that captured CO2 from the flue gas
of a natural gas combined cycle plant. In 2004, Geuzebroek et al. [50] identified the
absorber, stripper, and flash condenser (at the top of the stripper) as the areas of
greatest exergy destruction in these systems. In 2011, Amrollahi et al. [51] confirmed
that these areas were still the locations of greatest irreversibility, even with the improvements in amine absorption systems during the intervening decade. They found
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that these systems had an exergy efficiency of 32% for the separation and compression of CO2 . Having identified the two columns as the sources of the greatest exergy
destruction, they then attempted to improve upon the base case in a separate study
[52]. Their approach was to reduce the driving forces in the columns, by intercooling
the absorber, and in the stripper by compression of the reboiler vapor for injection
into a higher point in the column. This allowed them to improve the efficiency of the
separation and compression system to 36%.
We note here that, to our knowledge, no exergy analysis has been performed of
any of the systems modeled in this dissertation. The system modeled in Chapter 3,
which uses amine absorption to capture CO2 from the flue gas of a coal plant, is very
similar to the systems studied by Geuzebroek et al. [50] and by Amrollahi et al. [51],
except for the different flue gas used. Therefore, we expect similar results, and this
system can serve as a baseline to compare back to existing literature. At this time,
the exergy destruction in post-combustion systems using pressure-swing adsorptions
is not well understood, and this is covered in Chapters 4 and 5. Chapter 6 will
introduce a new system entirely, based on a type of oxyfuel combustion of natural
gas.

Chapter 3

Post-Combustion Capture by
Amine Absorption

In this chapter we introduce and analyze what is easily the best-studied CO2 capture
system in order to serve as a baseline against which to compare newer systems. This
system uses chemical absorption in an amine solution to drive a post-combustion
CO2 separation process. The background of this type of system and the reasons for
studying it in this work are presented first. Then the process modeling environment
and design decisions are explained with particular emphasis on the choice of property methods necessary to enable an exergy analysis. Finally, the exergy analysis is
completed, and its results are shown and discussed. The importance of choosing thermodynamically correct models when analyzing exergy destruction in these systems is
illustrated in this final section, by showing the apparent results of a similar analysis
done with incorrect property models.
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3.1
3.1.1

System description
General system: post-combustion capture by absorption

The use of amines to absorb CO2 from a stream of other gases has been known since
at least 1930, although its greatest industrial use so far has been to isolate CO2
from natural gas or hydrogen rather than flue gas [53]. Because of its long history
at large scale for these other applications, the adaptation of amine absorption for
carbon capture from flue gas is considered to be less risky (and thus less costly to
implement when building a first-of-kind pilot operation) than many other proposed
carbon capture systems. As a result, this type of capture system is the only one to
have yet been built and operated at a major electricity producing plant, such as at
the SaskPower coal plant at Boundary Dam in Canada [19].
The basic operation and general nomenclature of the system components in a postcombustion, solvent-absorption capture process are illustrated in Figure 3.1. Cleaned
and cooled flue gas is introduced into the bottom of a contacter column, the absorber.
In the absorber, the flue gas bubbles up through a down-flowing stream of liquid
solvent, into which CO2 from the flue gas will dissolve as the two streams are kept
in contact over the length of the column. The flue gas, having been scrubbed of its
CO2 , then exits the top of the absorber to be released to the atmosphere as stack gas.
This is the capture part of the process: The CO2 from the flue gas has been trapped
into liquid solution by the solvent.
The rest of the process is necessary to regenerate the solvent, and by doing so, to
isolate high-purity CO2 for eventual sequestration or utilization. The solvent flowing
out of the bottom of the absorber column is enriched in CO2 relative to that entering
the top of the absorber. These streams are referred to as the rich and lean solvent
streams, respectively. The rich solvent has CO2 removed from it in a second column:
the stripper, or desorber. The separation in the desorber is achieved primarily by
the heat transferred to the reboiler at the bottom of the column. This is where CO2
is boiled out of the liquid solution. The liquid that remains at the outlet of the
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Figure 3.1: Basic representation and nomenclature of solvent-based post-combustion
carbon capture systems. Darker stream colors are used to indicate higher amounts of
CO2 in that stream.

reboiler is the lean solvent, which is recirculated. Meanwhile, the vapor (primarily
CO2 ) bubbles up to the top of the column. The temperature in this column is highest
at the reboiler. The rest of the column is colder, with the coldest section existing
at the top of the column in the condenser, which is actively cooled. This has the
effect of condensing nearly all other species (e.g., water or other solvents) out of the
gas phase, leaving a high-purity stream of CO2 to exit the column. After this point,
the separation process is complete, and the CO2 goes through a series of intercooled
compression stages to deliver it at pressures appropriate for pipeline or other transport
(around 130-150 bar).
While the solvents used in these processes are often amine aqueous solutions due
to these solvents’ long history of industrial use, they do not have to be—many solvents have been and are continuing to be considered for post-combustion capture.
Other aqueous solutions can be used, such as aqueous solutions of potassium carbonate (see Smith et al. 2014 [54], among others) or of ammonia (e.g., by Alstom [12]).
Even within the aqueous amine solution family of solvents, there is a fair amount
of variation. Primary amines—organic molecules with an -NH2 group appended to
the end of a hydrocarbon chain or aromatic ring—such as monoethanolamine (MEA)
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have been used in industrially developed carbon capture units (e.g., by Fluor [55]).
Secondary amines, which are organic molecules with an -NH group inserted into a
hydrocarbon chain or aromatic ring; and tertiary amines, which are organic molecules
in which an N atom joins three separate hydrocarbon chains or aromatic rings, have
also been used. These include the secondary amine KS-1 by Mitsubishi Heavy Industries [10], the secondary amine piperazine (PZ) at the University of Texas and others
(e.g., [39], [56]), and the tertiary amine MDEA, which is often used in mixtures with
other amines (e.g., with MEA [57] or with PZ [58]). Non-aqueous solvents can also
be used, notably the class of substances known as ionic liquids. These are salts that
exist in the liquid phase at room temperature and pressure (and at absorption process
conditions), see Gurkan et al. 2010 as an example [59]. These substances have been
the subject of recent research due to the tunability of their properties. The anion
and cation ends of these large molecules can be varied nearly independently, allowing
for a large number of potential configurations whose properties can be optimized for
efficient post-combustion capture.

3.1.2

Specific system: DOE/NETL baseline

The specific system analyzed here uses the primary amine monoethanolamine (MEA,
C2 H7 NO) in aqueous solution as the solvent for post-combustion capture of CO2 . It
is based on the system used by the DOE/NETL in their extensive detailed study of
fossil-fuel power plants with and without CO2 capture (most recently updated in 2013
as Cost and Performance Baseline for Fossil Energy Plants Volume 1: Bituminous
Coal and Natural Gas to Electricity, Revision 2a [1]). The DOE/NETL baseline
system is itself based on the Econamine FG PlusSM technology developed by Fluor
[60], [61].
This system is chosen for study here not because it is necessarily the best postcombustion absorption system in terms of technical performance—in fact, several
systems have been predicted to cause less reduction in the power plant’s output,
notably systems using piperazine [39] [56]. However, it is a very well-understood
system that has been studied extensively and is often used as the baseline against
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which newer carbon capture systems are evaluated (in terms of technical performance
as well as cost and operability). It is therefore a useful system to study in an exergybased evaluation of several classes of carbon capture systems.
The model developed here was intended to match key DOE/NETL baseline performance values. These values, which are taken directly from the DOE/NETL baseline
report, are listed in Table 3.1, where the location of the streams are illustrated in
Figure 3.2. This post-combustion capture system takes flue gas from a subcritical,
pulverized coal power plant with a net power output of 550 MW. Before entering the
carbon capture unit, the flue gas first undergoes two stages of sulfur removal. Because SO2 reacts with MEA to form solid salt precipitates which foul the absorption
system, it is important to remove sulfur from the flue gas to a greater degree than
is required for emissions to the atmosphere directly. The flue gas is therefore passed
through a flue gas desulfurization (FGD) unit, and then through an additional SO2
polishing unit. This results in such low levels of sulfur that the SO2 mole fraction
at the inlet of the carbon capture unit was modeled to be zero in the DOE/NETL
report as listed in Table 3.1.

STACK:
T, P, y, mass
flow rate

FLUOR
FLUE:
T, P, y, mass
flow rate

ECONAMINE+
PROCESS
Win

CO2:

T, P, y, mass
flow rate

Qin

Figure 3.2: Basic information given by the DOE/NETL report.
The transfers listed on Figure 3.2 and in Table 3.1 constitute the majority of the
information that is directly given about the operation of the absorption system in the
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Table 3.1: Values and state information of all transfers to and from the MEA absorption capture unit, given by the DOE/NETL baseline report. [1]
Streams
Flue
Mole Fractions
Ar
0.0081
CO2
0.1350
H2 O
0.1537
N2
0.6793
O2
0.0238
SO2
0.0000
Flowrate (kmol/s)
30.959
Flowrate (kg/s)
892.57
Temperature (◦ C)
58
Pressure (MPa)
0.10
Enthalpy (kJ/kg)
301.43
Heat Transfer (MW) 588.572
Work (MW)
22.400

Stack

CO2

0.0108
0.0179
0.0383
0.9013
0.0316
0.0000
23.332
657.31
32
0.10
93.86

0.0000
0.9961
0.0039
0.0000
0.0000
0.0000
3.7772
165.86
21
0.16
19.49

DOE/NETL baseline report. Detailed, device-by-device state information is not given
for the internal operation of the absorption system. However, we can build a model
based on the known operation of these systems from studies of similar systems, and
based on making informed decisions from the data given by DOE/NETL. Moreover,
we do know that the heat transfer listed comes from steam extracted from the steam
power cycle, and that it is used exclusively in the reboiler at the bottom of the stripper
column.
As a first pass towards understanding this system, we will note that the system
described in Figure 3.2 and Table 3.1 is neither in mass nor energy balance as listed.
Tracking the balance of chemical species reveals that the missing mass flow is water
alone, and that this water should be exiting the system boundary at a rate of 69.4
kg/s. Although we do not yet know at which temperature this water will leave the
system, we do know that our model must account for this water leaving. Similarly,
tracking the energy balance of this system as described in the DOE/NETL report
reveals that energy should flow out of the system at a rate of 815.1 MW. This is
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assumed to leave the system as heat transfer directly or in the enthalpy of cooling
water (and of the waste water flow identified). We can then draw an updated version
of the black-box MEA system, as shown in Figure 3.3. At the moment, it is not yet
clear from which devices in the system these transfers are assumed to occur. However,
in order to match the general behavior of this system, our model should match these
transfers closely—both the ones explicitly given in the DOE/NETL report, and the
ones implied by them.
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flow rate
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Figure 3.3: Basic information given by the DOE/NETL report, updated to account
for mass and energy closure.

3.2
3.2.1

Modeling decisions
Modeling environment

This model was built in Aspen Plus V8.0. The Aspen Plus environment is particularly useful for systems in which state information must be determined in many
different devices simultaneously, some of which are relatively complex. In particular,
modeling thermodynamic and chemical properties of electrolytes is not trivial, and
the Aspen Plus environment includes many built-in property methods (including extensive databases for various chemical species) to enable the modeling of these types
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of fluids.

3.2.2

Modeling thermodynamic properties

The thermodynamic model used in this work is taken directly from the Ph.D. thesis
of Marcus Hilliard at the University of Texas [3]. Hilliard’s work was chosen as the
basis for this work because of his attention to thermodynamic consistency in the
representation of chemical equilibria, his extensive experimental work to inform the
activity coefficient models, and the clarity in the communication of his Aspen Plus
modeling framework. In particular, the parameters given in the Fortran source code
in Hilliard’s Appendix J were entered directly into the Aspen property model used
in the current work, supplemented by additional property parameters from Hilliard’s
Chapters VII, VIII, and XIII.
In Aspen Plus, there are several sets of property methods that use the electrolyteNRTL model to represent activity coefficients.

Here, the ELECNRTL property

method set is used, both because this was the one used by Hilliard, and for reasons
that will be elaborated in Section 3.3.3.

Chemical reactions
The chemical equilibria between various species in the gaseous and aqueous phases are
the true drivers of absorption-based separation processes. Specifically, the following
five aqueous-phase chemical reactions are the relevant ones to consider in this system:
CO2 + 2H2 O ←→ HCO3− + H3 O+

(3.1)

HCO3− + H2 O ←→ CO32− + H3 O+

(3.2)

M EA + HCO3− ←→ M EACOO− + H2 O

(3.3)
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M EA + H3 O+ ←→ M EAH + + H2 O

(3.4)

2H2 O ←→ H3 O+ + OH −

(3.5)

The mechanism for CO2 absorption in MEA systems can be understood by reading
through these five equations in order. Before Eq. 3.1, which is an aqueous-phase
reaction, CO2 in the gas phase dissolves into the aqueous phase until its chemical
potential µCO2 is the same in both phases. In practice, at the temperatures and
pressures relevant in typical amine absorption systems, very little CO2 exists in the
aqueous phase. The aqueous CO2 is then described as being in its dilute limit, where
the CO2 mole fraction in solution can be approximated as varying linearly with its
fugacity (this is Henry’s Law). Equations 3.1 and 3.2 then indicate the formation of
bicarbonate and carbonate ions as the aqueous CO2 reacts with water. This causes
additional CO2 to enter the aqueous phase from the gas phase in order to preserve
the equilibrium in Eq. 3.1, which in turn causes the CO2 removed from the gas phase
to increase slightly.
This effect—that of increasing the amount of CO2 that leaves the gas phase by
forming ionic species from the aqueous CO2 —is what we are trying to amplify when
we add an additional solvent (beyond water) to the system. Therefore, the key to
MEA’s ability to be a solvent for CO2 capture is seen in Eqs. 3.3 and 3.4, both of
which consume species that are on the right-hand side of Eq. 3.1 and therefore increase
the amount of CO2 removed from the gas phase. Equation 3.3 shows the formation
of carbamate (MEACOO− ) from MEA and bicarbonate, while Eq. 3.4 shows the
protonation of MEA. Finally in this system, the final relevant dynamic equilibrium
to consider is that of water’s autoionization (Eq. 3.5).

Chemical equilibria
The five reactions in Eqs. 3.1- 3.5 determine the ionic and molecular composition, at
equilibrium, of a liquid mixture composed of a combination of MEA, water, and CO2 .
The thermodynamic condition for equilibrium at a given T and P for each reaction
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k is given by
0=

NS
X

νi,k µi

(3.6)

i=1

where νi,k is the stoichiometric coefficient of species i in reaction k, which takes the
convention that νi,k > 0 for reaction products and νi,k < 0 for reactants. The summation limit N S is the total number of chemical species, which includes molecular
species like CO2 and H2 O as well as ionic species. Note that the chemical potential µi of species i does not have a k reaction subscript, because it is a property of
the overall mixture and not of a particular reaction. Equation 3.6 is the basis of
thermodynamically-consistent representations of chemical equilibria at a given temperature and pressure, and is therefore the equation that must be satisfied in any
model of these equilibria.
The chemical potential µi can be written as the sum of a standard- or referencestate contribution µ∗i (where the relevant reference state will be defined below for the
different species involved) and a term that accounts for the species’ activity ai in the
mixture.
µi = µ∗i + RT ln(ai )

(3.7)

Substituting Eq. 3.7 into Eq. 3.6 and isolating the reference-state terms from the
activity term,
NS
Y

ν
ai i,k


= exp

−

i=1

νi,k µ∗i
RT

P

i


(3.8)

results in the isolation of the definition equilibrium constant Keq for the mixture
Keq,k ≡

NS
Y

ν

ai i,k .

(3.9)

i=1

Therefore, the equilibrium constant Keq,k can also be found from known properties
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of the chemical species at their standard state

Keq,k = exp

−

νi,k µ∗i
RT

P

i


.

(3.10)

where the reference-state summation term is known as the reference-state Gibbs free
energy of reaction, ∆G∗k .
∆G∗k ≡

X

νi,k µ∗i

(3.11)

i

Equation 3.9 is used to solve for the activity ai of the species, given Keq calculated
from Eq. 3.10 (and the set {νi } from the reaction stoichiometry). This is as opposed to
using an experimentally-derived correlation, such as a linear temperature fit, for Keq
instead of Eq. 3.10. The Aspen Plus 8.0 interface allows the calculation of Keq in either
of these two ways, as chosen by the user. However, given these two options Keq must
be found using the reference-state calculation in Eq. 3.10 for a thermodynamicallyconsistent formulation that follows the equilibrium condition given by Eq. 3.6. This
is done in this work, and it was also done in building Hilliard’s original model [3].
The reference state used for calculating properties of electrolytes is typically different from that used for calculating properties of non-electrolytes [62]. In gas phases
for example, it is common to use the state of the pure species at 1 atm and a stated
temperature as the reference state. In electrolyte solutions however, the reference
state for solutes—whether molecular solutes like CO2 , or ionic solutes like HCO−
3 —is
often taken to be the dilute limit, at infinite dilution of the solute in the solvent. In
other words, the activity coefficient of the solute γi goes to 1 as the mole fraction of
that solute goes to zero. The reference state for the solvent—H2 O in this case—is
taken to be at the dilute limit as well. However, for the solvent this means that
its activity coefficient will go to 1 as its mole fraction goes to 1, the opposite trend
to that of the solutes. This is known as the asymmetric convention because of the
asymmetric treatment of solvents and solutes. It is commonly used for treatment
of electrolyte systems, including in Hilliard’s work and in Aspen Plus’ ELECNRTL
property model as used here. It is worth noting that using a symmetric reference
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state convention instead would be perfectly valid. It is only that the values of the
activity coefficients and reference-state equilibrium constants calculated using a symmetric reference state could not be directly compared to those using the asymmetric
convention.
After Eq. 3.9 is used to solve for the activity ai of the species in the solution,
the final step to determine the solution’s composition is to extract mole fraction or
molality information from the activity. Activity as a quantity is not always defined
in the same way.
First, it can be the product of a mole fraction xi and a mole-fraction based activity
coefficient γx,i
ai = γx,i xi

(3.12)

or the product of a molality Mi and a (different) molality-based activity coefficient
γM,i .
ai = γM,i Mi

(3.13)

The activity coefficients in Aspen Plus are generally given on a molality basis [63].
Second, the activities and activity coefficients will be different if using a symmetric
reference state convention or an asymmetric reference state convention (as stated
earlier, we used the latter here).
The composition of the solution can therefore be found from the activities, using
either Eq. 3.12 or Eq. 3.13, a known reference state convention, and an appropriate
model for calculating the activity coefficients.

Activity coefficients using electrolyte-NRTL
The model used to represent the activity coefficients is the electrolyte, non-random
two-liquid (electrolyte-NRTL or e-NRTL) model. This model was originally developed
by Chen et al. [64], [65] to represent the non-ideal mixing of aqueous electrolytes. At
the basis of the e-NRTL model is the local composition concept used by Renon and
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Prausnitz in their original NRTL model [66], to which e-NRTL reduces in the limit
where the electrolyte concentration goes to zero. The local composition concept is
based on the idea that mixing non-idealities (which give rise to the need for activity coefficients) can be found from representations of the interactions of individual
molecules with their neighbors.
Chen et al.’s expression is based on two key local-composition assumptions. First,
the like-ion repulsion assumption is the statement that the local composition around
an anion will contain no anions (only cations and uncharged molecules), and vice
versa. Second, the local electroneutrality assumption states that any uncharged
molecule in the mixture (e.g. H2 O) will have equally distributed charges of cations
and anions as its immediate neighbors. These assumptions are used to calculate the
contribution of short-range interactions to the non-ideal mixing.
Additionally, Chen et al.’s expression considers the long-range interaction of ions’
electrical charge by incorporating a Pitzer-Debye-Hückel term. This term accounts
for the fact that in electrolyte solutions, non-ideal mixing is due not only to local
interactions between immediate neighbors—the local composition concept—but also
to the effect of the charge distribution in the solution (beyond the “immediate” neighborhood) on ions’ behavior.
Non-ideal mixing in the e-NRTL model is therefore represented by the sum of
these two contributions to the excess Gibbs free energy:
Gei = Gei,LC + Gei,P DH

(3.14)

where the subscript LC refers to the short-range local composition contribution, the
subscript P DH refers to the long-range Pitzer-Debye-Hückel contribution, and Ge
refers to the excess Gibbs free energy, representing non-ideal mixing. Equation 3.14
is sometimes written with a third term Gei,Born for the Born correction term [3], [67].
This term is an adjustment to the Pitzer-Debye-Hückel term to account for mixed
solvents (i.e., including more than just water), if the PDH term is written assuming
water as the only solvent. The PDH term included here has assumed that the correct
representation is used for the relevant solvent, not just for water.
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The Pitzer-Debye-Hückel term, including the Born correction, is calculated purely
analytically. However, the local composition term is calculated based on binary interaction parameters which are fit to experimental results. The e-NRTL model is
therefore a semi-empirical formulation. The experimentally-fit binary interaction parameters relevant to the H2 O-MEA-CO2 system are taken directly from Hilliard [3].
From Eq. 3.14, the activity coefficients are then found by the thermodynamic
relationship
1
ln γi =
RT



∂Gei
∂Ni


(3.15)
T,P,Nj6=i

thus completing the list of parameters required to find the equilibrium composition
of the mixture.

3.2.3

Modeling devices

Description of device operation
The basic structure of amine absorption systems was shown in Figure 3.1. In this
section, we give a more detailed, device-by-device operation of the MEA absorption
system as modeled in this work and illustrated in Figure 3.4. State information for
each of the streams is tabulated in Appendix A.
The flue gas enters the system at the state described in Table 3.1. Before entering
the absorber, it is cooled to condense the majority of the water out of the flue gas.
In this model, the flue gas was cooled to 34.5◦ C, which results in water leaving the
system at the rate of 58.4 kg/s (note that this is therefore the majority of the extra
water flow leaving the system, identified in Figure 3.3). After this, the flue gas is
pressurized slightly by a blower with an isentropic efficiency of 0.61, which was the
blower efficiency used in a 2002 DOE/NETL report for an MEA absorption system,
and was based on matching observed experimental values [68]. Raising the pressure
of the gas to 1.18 atm in the blower is necessary to overcome the pressure drop in the
absorber.

3.2. MODELING DECISIONS

45

STACK
H2O WASH

COOLING H2O (cold)

COOLING H2O (hot)

Q

CO2

Q
STRIPPER

ABSORBER

Q

W

W

Q

FLUE
WASTE H2O

Figure 3.4: Diagram of the MEA absorption carbon capture system modeled.
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Next, the gas enters the bottom of the absorber column, while lean solvent enters the top. The absorber is modeled in Aspen using the RadFrac block, which
uses equilibrium-based stages—and stage efficiencies if necessary—to model separation columns, and is to be distinguished from the RateFrac block, which allows the
calculation of internal rate-based processes (kinetics, transport) in each stage. For
the purposes of completing a device-by-device exergy analysis, only the states and
extensive size of the transfers to the column are needed. The internal column profiles, or the physical height of the column (which would result from a stage efficiency
calculation), are not needed. Therefore, the use of the RadFrac block is sufficient for
this analysis, as long as the transfers are correct.
The transfers to and from the absorber column are the flue gas from the blower (at
a known state), the stack gas leaving the top of the column (with a known CO2 flow
rate), and the two solvent streams. The lean and rich solvent streams are typically
characterized by their effective loading α which is the molar ratio of all CO2 -derived
species in the aqueous mixture to the sum of all MEA-derived species in the mixture.
α=

ṄCO2 + ṄHCO3− + ṄCO32− + ṄM EACOO−
ṄM EA + ṄM EAH + + ṄM EACOO−

(3.16)

In general, the lean solvent loading for these systems should be between 0.2-0.3,
while the rich solvent loading should be near 0.5 [69]. In this model, the lean solvent
loading is 0.285, and the rich solvent loading is 0.522. The mass fraction of MEA in
the completely clean solvent (i.e., mass of MEA poured into solution divided by the
sum of the MEA and water mass) is 30%. The number of equilibrium stages used in
the model—which do not represent true stages in an actual column, but are simply
mathematical constructs in this case—of the absorber column was varied until the
gas outlet stream converged at the desired CO2 outlet of 10% of the CO2 in the flue
gas (see Table 3.1). A pressure drop of 0.1 bar was included in the absorber column.
The absorber column modeled here is not intercooled, and is therefore modeled
as adiabatic. However, the stack gas should leave the system at a temperature of
32◦ C (from Table 3.1), which means that it should be cooled. Absorber columns
typically include a water wash section at the top of the column in order to capture
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any vaporized solvent and prevent it from being released into the atmosphere. Here
this is modeled as a separate column through which water flows, cools the stack gas,
and dissolves any remaining solvent. The flow rate of water was increased until the
stack gas reached the desired 32◦ C outlet temperature, which means that the water
wash section and intercooling were effectively combined into a single section.
The rich solvent leaves the bottom of the absorber and is pumped to 2 bar to enter
the stripper. The purpose of the stripper is to remove CO2 from the rich solvent by
boiling it out of solution, so preheating the rich solvent stream is advantageous for
reducing the stripper reboiler steam needed. The rich solvent is preheated in a heat
exchanger by the hot, lean solvent stream leaving the bottom of the stripper. An 8◦ C
minimum approach temperature difference is maintained in the heat exchanger, and
a 5% pressure drop is imposed on both the hot and cold sides.
The stripper operation is specified by imposing the reboiler duty of 588.572 MW
and the condenser temperature of 21◦ C at a pressure of 1.6 bar, based on the known
values from the DOE/NETL baseline. The stripper pressure is set to be 1.7 bar at the
bottom of the column (at the reboiler) and 1.6 at the top. The stripper, for the same
reason listed for the absorber, is modeled using the RadFrac block with the number of
equilibrium stages that resulted in the regeneration of the lean solvent to a loading of
α = 0.285. The resulting reboiler temperature was 114◦ C, and the resulting condenser
cooling required was 199.1 MW. The reboiler temperature is generally limited by the
fact that MEA degrades thermally above a temperature of around 120-125◦ C, and the
reboiler temperature is generally kept as high as possible as limited by this thermal
degradation limit. A reboiler temperature of 114◦ C is therefore slightly on the low
side, although still within the range of considered temperatures [69]. The effect of
raising the reboiler temperature by a few degrees on the exergy analysis results will
be discussed in Section 3.3.2.
Finally, to complete the cycle, the lean solvent exiting the reboiler is used to preheat the rich solvent and is then throttled from 1.6 bar to 1 bar. The lean solvent is
further cooled until it reached 40◦ C, which is typical for a lean solvent temperature
(e.g., [69], [70]), at which point it re-enters the absorption column.
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Comparison to DOE/NETL values
Detailed state information for the streams in the model are given in Appendix A, but
a side-by-side comparison of the values given by the DOE/NETL report in Table 3.1
to the resulting values from the model is given in Table 3.2. Additionally, the work
and heat transfer to the system as modeled here are compared to the values given by
DOE/NETL in Table 3.3.
Table 3.2: Stack and CO2 product gas streams, comparing DOE/NETL baseline
report values [1] and values in this model.
Streams
Ṅi (kmol/s)
Ar
CO2
H2 O
N2
O2
SO2
ṁ (kg/s)
T (◦ C)
P (MPa)

Stack
DOE/NETL
Model
2.520E-1
4.176E-1
8.936E-1
2.103E1
7.373E-1
0.0000
6.573E2
32
0.10

% err.

2.538E-1 7.143E-1
4.145E-1 7.423E-1
1.119E0 25.22E0
2.103E1 6.490E-3
7.368E-1 6.782E-2
0.0000
0.0000
6.612E2 5.933E-1
32
0.0000
0.10
0.0000

DOE/NETL
0.0000
3.762E0
1.473E-2
0.0000
0.0000
0.0000
1.659E2
21
0.16

CO2
Model

% err.

4.713E-6
—
3.798E0 9.569E-1
6.140E-2 3.168E2
1.978E-4
—
1.272E-5
—
0.0000
0.0000
1.683E2 1.447E0
21
0.0000
0.16
0.0000

In Table 3.2, the streams are specified in terms of molar flow rates of each chemical
species in the fluid, instead of by mole fractions. The reason for this is to allow
a species-by-species comparison—when comparing mole fractions, a discrepancy in
the flowrate of a single chemical species would affect the mole fractions of all other
species, obscuring the real difference. More specifically, in Table 3.2, we see that the
CO2 is captured at the same effectiveness (90%) as in the NETL report, and that
non-condensable gases are correctly eliminated from the CO2 product stream.
The water remaining in both the stack gas and the CO2 product gas, however, is
higher than in the DOE/NETL baseline report. In the Aspen model, both streams
were assumed to be at a relative humidity of 1, which assumes that no additional
dehumidification of the streams (by silica gel or other extra drying technique, for
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example) occurred. Therefore, either the DOE/NETL report did assume additional
dehumidification after leaving the water wash section (for the stack gas) or the stripper
condenser (for the CO2 stream), or slightly different property methods for the vaporliquid equilibrium (VLE) calculations of water were used in both models, resulting
in slightly different vapor phase mole fractions at saturation at a given temperature
and pressure. This will not significantly affect the overall exergy analysis results.

Table 3.3: Heat transfer and work to the system, comparing DOE/NETL baseline
report values [1] and values in this model.

Reboiler Q̇ (MW)
Reboiler T (◦ C)1
Condenser Q̇ (MW)
Condenser T (◦ C)
Lean solvent Q̇ (MW)
Work input (MW)

DOE/NETL Model
% err.
588.572
588.572 0.00000
Unspecified
114
—
Unspecified 199.051
—
21
21
0
Unspecified 218.043
—
22.40
20.87
6.830

In Table 3.3, we list the work, heat transfers, and relevant heat transfer temperatures in this model and in the NETL/DOE baseline report. Because the system
model was specified using the reboiler heat transfer and the condenser temperature,
these agree exactly with the DOE/NETL values. The necessary work to operate the
rich solvent pump and the flue gas blower is approximately 7% less in our model than
in the DOE/NETL baseline report. This could be attributed to the fact that we
neglected to model several smaller auxiliary systems—for example, pumps for makeup water and MEA, pumps to overcome pressure drops through solid salt filtering
processes, and other clean-up and maintenance systems—that were included in the
DOE/NETL report.
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3.3

3.3.1

Exergy analysis

Results and discussion: exergy efficiency

We begin the exergy analysis of the MEA absorption system with a discussion of
the exergy efficiency of this system, and in particular how the position of the chosen
system boundary affects this value.
The separation process that occurs in this system is not just a separation of
nitrogen from CO2 at 25◦ C and 1 atm, but instead a separation of flue gas containing
CO2 , N2 , O2 , H2 O, and Ar and delivered at 58◦ C, into a stream of nearly-pure CO2
at 1.6 bar, a stream of waste water separated from the process, and a stream of stack
gases at 32◦ C. For calculating the minimum exergy of separation and the exergy
efficiency of this system, we impose that the waste liquid water must depart the
system at 25◦ C, the reference environmental temperature To . Even if it were to
depart at a higher temperature, the ensuing additional exergy would be destroyed in
the environment. Therefore imposing an outlet temperature of 25◦ C ensures that we
account for all of the exergy destruction caused by this system. Similarly, we adjust
the outlet temperature of the stack gas from 32◦ C to To = 25◦ C, effectively imposing
that a cooling process—with associated exergy destruction—occurs for this stack gas
to return to environmental conditions. The flue gas entering the system boundary,
however, is kept at 58◦ C, since this is a stream that is delivered directly from the
power plant.
Under these conditions, the minimum exergy of separation for this process is 105.5
kJ per kg of CO2 product. In order to calculate the exergy efficiency of this system,
we must understand how to quantify the exergy supplied to the system. Accounting
for the electric work is simple: The DOE/NETL baseline report indicates that 22.4
MW of work is supplied to this system, and this is equivalent to 22.4 MW of exergy
supplied, or 135.1 kJ per kg of CO2 product.
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Reboiler heat transfer discussion
The reboiler heat transfer is more complicated. We know from the DOE/NETL
baseline report that 588.572 MW of thermal energy is supplied to this system in the
form of heat transfer from steam extracted from the power cycle of the plant. The
steam is condensed as a result of this process, and is returned to the power cycle as
liquid water. In order to account for all of the exergy destruction caused by the carbon
capture process, the system boundary should be drawn so that the high-temperature,
high-exergy stream enters, and the low-temperature, low-exergy stream exits. In this
way, the exergy supplied to the system by the steam is given by the difference in flow
exergy of the hot steam and colder water (where the chemical portion of the exergy
is neglected because it does not change in this process—both the inlet and outlet
streams are only comprised of water):
Ẋin,steam = ṁsteam [ψin − ψout ] = ṁsteam [(hin − hout ) − To (sin − sout )]

(3.17)

This is as opposed to counting the exergy of this transfer as heat transfer occurring
at the reboiler temperature, which neglects the significant exergy destruction in the
heat transfer from the much hotter steam, and its subsequent condensation. These
two options for the system boundary can be seen in Figure 3.5.
As given in the DOE/NETL baseline report, the steam supplied to this system
has a mass flow rate of 243.4 kg/s. Moreover, it arrives as a superheated vapor at
296◦ C and 0.51 MPa, and is returned to the power cycle as a subcooled liquid at
151◦ C and 0.9 MPa. The exergy supplied to the system by the steam, as calculated
by Eq. 3.17, is therefore 183.3 MW, or 1105.1 kJ/kg-CO2 . By contrast, the exergy
of the heat transfer from the steam, if assumed to be crossing the system boundary
at the reboiler temperature2 , is 135.3 MW, or 815.7 kJ/kg-CO2 (as calculated by
XQ = Q ∗ (1 − To /Tboundary )). The difference of 52.0 MW is the exergy destruction
that occurs in the steam condensation process and in the heat transfer across a
This is 114◦ C in our model. Even if it were increased, for example to 120◦ C (as 114◦ C is on
the low end of reboiler temperatures for these systems), the effect on this analysis is small, and the
main point—that the majority of the exergy destruction occurs in the steam extraction—still holds.
2
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non-zero temperature difference between the steam and the reboiler. This issue and
options for improvement are discussed in detail in Section 3.3.2.
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Figure 3.5: Diagram of the MEA absorption carbon capture system modeled, showing
the system boundary as drawn at the steam inlet and return (a), or alternately at
the reboiler surface (b). The difference in exergy efficiency between these two choices
of boundary locations is significant.

The exergy efficiency of this separation system is 8.51%, which is quite low. By
comparison, the exergy efficiency of the separation if the exergy destruction in the
steam is not included in the system boundary is 11.1%. Finally, if the minimum exergy
of separation were calculated assuming an inlet flue gas at 25◦ C (which is commonly
seen), and the exergy destruction in the steam were neglected from the system, the
exergy efficiency of this system would be 12.1% (this gives “free” exergy to the system
in the form of a flue gas that actually arrives at 58◦ C instead of 25◦ C, which is why
the correct calculation of the minimum exergy of separation is important).

3.3.2

Results and discussion: detailed exergy analysis

The detailed exergy analysis of this system is performed, by first extracting the entropy values reported by Aspen Plus for each of the matter streams in the system,
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and using them to find the entropy generated in each device by an entropy balance.
Ṡgen =

X

ṁout sout +

Q̇in
Q̇out X
−
ṁin sin −
To
Tb

(3.18)

Then, the entropy generation value is used to find the exergy destruction in each
device using the Gouy-Stodola relationship
Ẋdest = To Ṡgen .

(3.19)

Each device has been assumed to be operated at steady state, hence the lack of an
accumulation term in Eq. 3.18. Whenever heat is transferred out of a device in the
system, it is assumed that the heat transfer occurs at the environmental temperature
To , in order to account for all irreversibility created by the system.
The results of the detailed exergy analysis are shown in Figure 3.6. The overwhelming majority of the exergy destruction in this system occurs in the two columns,
the absorber and stripper. The exergy destruction in the water wash section at the
top of the absorber, included in Figure 3.6 as a separate section from the absorber,
could arguably be counted as part of the absorber as well, increasing the fraction of
the overall irreversibility that occurs in the columns. The fact that a relatively small
fraction of the overall exergy destruction occurs in the rest of the system indicates
that the other devices are relatively well integrated into the process, and that the
initial focus for process improvement should be on the two columns.
The next step is to ask how we can reduce the exergy destruction in the absorber
and stripper column. For the stripper, part of the answer lies in reducing the exergy
destruction that occurs in and around the reboiler. In fact, the destruction in the
mixing and condensing of the steam extracted is very significant, separate from what
happens on the solvent side of the reboiler. If we were to plot the exergy destruction
distribution for this system while drawing the system boundary at the reboiler temperature (as discussed in Section 3.3.1), we would arrive at Figure 3.7. Comparing the
relative sizes of the stripper column destruction in Figure 3.6 and Figure 3.7 shows
how much of the exergy destruction assigned to the stripper is actually happening
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Figure 3.6: Exergy destruction in the MEA absorption capture system modeled, based
on stream entropy values reported by Aspen Plus using the ELECNRTL property
method with Hilliard’s property information [3]. Note that the water wash has been
included as separate from the absorber because they were modeled as separate units,
but the exergy destruction in these two units could be summed to compare to absorber
models that include the water wash.
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in the heat transfer process from the hot steam to the reboiler. Recent research in
improving absorption-based carbon capture systems has indeed focused on reducing
the amount of steam that is necessary to operate the reboiler (for example, the reduction in necessary reboiler steam is one of the primary advantages of the piperazine
systems relative to this MEA system [39], [56]).
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Figure 3.7: Exergy destruction in the MEA absorption capture system modeled,
using the same thermodynamic property environment as in Figure 3.6, but drawing
the boundary at the reboiler heat transfer surface instead of at the steam transfer
point.
As explained in Section 3.3.1, the steam that is extracted from the power cycle for
the reboiler leaves the power cycle with a temperature of 296◦ C at a pressure of 0.51
MPa (these are values from the DOE/NETL report, not results of the model in this
work). This results in a significantly more exergetic stream (or “higher-grade heat”)
than is needed for the 114-120◦ C reboiler, and is the reason for the very high exergy
destruction on the steam side of the reboiler. The first obvious step for improving the
exergy efficiency of this system and reduce the parasitic load on the power plant is to
better integrate the reboiler with the power cycle. This means extracting steam that
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is about 10-30 K hotter than the solvent side of the reboiler. This could be done with
no significant increase of heat exchanger area, given that the DOE/NETL system
already reduces the temperature of the hot incoming steam to 152◦ C by mixing it
with a slipstream of the cold return condensed water [1].

For both the stripper and the absorber, however, the answer to the question of
reducing exergy destruction also lies in reducing the driving forces operating inside
these columns. Exergy destruction (or entropy generation) occurs when transfers—
of heat, or of chemical species—are driven by large gradients (in temperature or
chemical potential, respectively). The idea of trying to decrease the driving force
inside an absorber or stripper column can run counter to the common engineering
goal of increasing throughput and reducing column size by increasing driving forces
inside columns. However, this is the way to reduce exergy destruction and improve
system efficiency. The issue of reconciling a need for smaller driving forces to reduce
exergy destruction with the desire for faster rates of transfer inside chemical process
columns is discussed in detail by Leites, Sama, and Lior [37].

In order to identify the locations where the driving forces in the columns are
greatest and then reduce them, a detailed model of the column profiles (composition,
temperature) is needed. This cannot be directly extracted from our model as it exists, because we treated the columns as black-boxes with known inputs and outputs.
This was the level of detail necessary to identify the magnitude of the exergy destruction in each of the system components. To find the internal profiles and improve on
them, the column must be modeled with knowledge of the type of packing, transport
mechanisms, and column size, which is left to a future study. This could be done by
starting from this existing model, for example by exchanging the column models for
the RateFrac block and collecting expected packing information. However, the existing model can be used to study the effect of changing the integration between system
components. This includes the effect of changing the reboiler steam temperature so
that it better matches the reboiler solvent temperature (as already discussed with
Figure 3.7), or of varying the temperature difference in the lean-rich heat exchanger.
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A note on 2nd law analyses of electrolyte systems, or
dependence on modeling environments

Over the course of modeling and analyzing this system, it became clear that extracting useful information from commercial flowsheeting software for an exergy or other
second-law analysis is not always straightforward. In order to facilitate future users’
research in related applications, the key difficulty we encountered is explained here.
In Aspen Plus, there are several options of property methods for electrolyte solutions. For systems with amine solvents, this includes the method AMINES, which
AspenTech documentation describes as a “correlation-based property method” as
opposed to one based on activity coefficients, and was therefore dismissed for this
work because of the need for strictly thermodynamically consistent methods, using
activity coefficients [63]. Several activity-coefficient methods exist for electrolytes:
ELECNRTL, ENRTL-RK, ENRTL-SR, ENRTL-HF, and ENRTL-HG. All are originally based on the electrolyte non-random, two-liquid (E-NRTL) model for liquid
activity coefficients first developed by Chen et al. [64], [65].
We will focus here on the first two—ELECNRTL and ENRTL-RK—because these
are overwhelmingly the ones most often used for modeling carbon capture systems
with MEA absorption. The method ELECNRTL is an older version of the electrolyte
non-random, two-liquid activity coefficient model implemented in Aspen. At the
release of Aspen Plus V7.2, the method ENRTL-RK was introduced as an upgraded
version of ELECNRTL with more consistent thermodynamics (see, for example, the
industry white paper released by Tremblay et al. from Aspen Tech in 2012 [71]). The
user manual “Aspen Physical Property System: Physical Property Methods” [63]
describes the main difference between the two methods:
The ENRTL-RK method is identical to ELECNRTL for systems containing a single electrolyte. However, [...] the ENRTL-RK uses a single thermodynamics framework to calculate the activity coefficients, Gibbs free
energy and enthalpy, instead of using separate models as in ELECNRTL.
This stated attention to thermodynamic consistency lead us to first consider the
ENRTL-RK method for the work presented here.
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In Figure 3.8, we show the results of the exergy analysis of the same system
presented in Figure 3.6, but using ENRTL-RK instead of ELECNRTL. The ENRTLRK method was implemented exactly as in the RateBasedMEAModel.bkp example
file provided by Aspen Tech with Aspen Plus as a sample file for MEA-based CO2
capture systems. It should be noted here that the two models are the same on the
basis of the first law of thermodynamics: They capture the same amount of CO2 from
the same stream, with the same work input, same heat transfer to the reboiler, and
same heat transfer out of the system. However, the exergy destruction calculated
using the entropy values from ENRTL-RK and Eq. 3.19 are different—and they are
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Figure 3.8: Exergy destruction in the MEA absorption capture system modeled, based
on stream entropy values reported by Aspen Plus using the ENRTL-RK property
method as implemented in the RateBasedMEAModel.bkp example file provided with
Aspen Plus. Note that the existence of a negative valued column on this plot indicates
an impossible result (and thus an incorrect calculation of entropy), as it violates the
2nd law of thermodynamics.
The most obvious incorrect result is the negative exergy destruction in the rich
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solvent pump; this would indicate negative entropy generation, disobeying the second
law of thermodynamics. The calculation of entropy changes through this device are
therefore wrong. However, the exergy destruction value in the valve is also incorrect,
though less obviously so. This valve is a simple throttle, though which a subcooled
liquid mixture (the lean solvent) is brought to a pressure of 1 bar from 1.6 bar. No
phase change occurs—both inlet and outlet are subcooled liquids. Although this
is certainly an irreversible process, it is completely unlikely that an incompressible
substance undergoing a small isenthalpic pressure drop would destroy more exergy
than the blower, which compresses a large flow rate of a hot ideal gas mixture at
a relatively low isentropic efficiency. The ratio of exergy destruction between these
two devices shown in Figure 3.6 is much more realistic. Therefore, the underlying
issue does appear to be based in the property method, and not just in a spurious
incompatibility between ENRTL-RK and pumps.
AspenTech has been made aware of this issue (Incident Number 1486298), and
is working to resolve it. Therefore, this note is intended as a temporary warning
to approach the ENRTL-RK method with some caution for the purposes of entropy
calculations, until the issue is resolved.

3.4

Summary

In this chapter, we modeled and analyzed a well-known post-combustion CO2 capture system, which operates by selective absorption of CO2 in an aqueous solution
of 30wt% monoethanolamine. The modeling decisions and comparison with the
DOE/NETL baseline report equivalent system are presented and discussed.
The goal of this modeling exercise was to develop a detailed exergy analysis of this
system. The system was modeled using Aspen Plus due to this software’s extensive
database of property methods for fluid and chemistry properties as well as its ability to
quickly model different devices in the system. It was identified that the overwhelming
majority of the exergy destruction in the system occurs in the stripper and absorber
columns. Paths towards improving these was discussed. Existing limitations of Aspen
Plus for modeling this system for the purposes of exergy analysis were discussed.
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Chapter 4
Post-Combustion Capture by
Vacuum-Swing Adsorption
In this chapter, we model and analyze a process that separates CO2 from flue gas of
a coal plant by vacuum-swing adsorption in a packed bed of zeolite 13X. This type
of system is less well understood than the amine absorption system described in the
previous chapter. While several system components have been tested and small pilot
systems have been studied, detailed information about the operation of these systems
at power-plant scale is not known. Therefore, when explaining the model and the
results of the exergy analysis, we discuss the types of exergy destruction that may
differ between the system modeled here and a scaled-up system.

4.1
4.1.1

System description
General system: post-combustion capture by adsorption

Adsorption refers to the mechanism by which molecules from a bulk fluid adhere onto
the surface or into the pores of a solid (the adsorbent or sorbent). This is as opposed
to the process of absorption, treated in the previous chapter, which describes the
mechanism by which bulk fluid molecules dissolve into the bulk of another substance
61
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(the solvent). When certain species adsorb preferentially over others, this mechanism
can be used to drive separation processes. Adsorption processes are in use industrially
in applications as varied as air separation ([72], [73], [74]), purification of hydrogen
([75], [76], [77]), and the dehumidification of gases ([78], [79]), among others.
In practice, adsorption systems are often batch-cyclic processes. Some operate
by letting the more strongly-adsorbed species adsorb onto a solid at high pressures
for a period of time, then regenerating or cleaning the sorbent by dropping the pressure. This is known as a pressure-swing adsorption, or PSA, process. These PSA
systems can be sub-classified further based on the sign of the gauge pressures used
in the cycle. If all pressures in the cycle are at or below atmospheric, the process
is known as vacuum-swing adsorption (VSA). The term PSA, as independent from
VSA, would then indicate that all pressures reached in the cycle are at or above atmospheric. Finally, systems that swing between pressures above and below atmospheric
are known as pressure-vacuum swing adsorption (PVSA) systems. Another class of
adsorption systems operate by allowing the more strongly-adsorbed species to adsorb
onto the sorbent at a low temperature, after which the sorbent is regenerated by
raising its temperature—for example, by passing hot steam over it. This is known as
a temperature-swing adsorption, or TSA, process.
Webley [80] outlined the history and existing technical challenges of using adsorptionbased systems to capture CO2 from flue gas, an application that was first considered
in the 1990s [81]. One of the key differences between CO2 capture from flue gas and
the other adsorption-based gas separation systems mentioned previously relates to
how CO2 adsorbs relative to N2 . In many adsorption systems, the desired high-purity
product (which is CO2 in capture processes, but would be O2 in air separation processes, or H2 in hydrogen purification processes) is the more weakly adsorbing species.
However, because CO2 has a larger quadrupole moment than N2 does, it generally
adsorbs more strongly than the nitrogen waste gas. In practice, this means that adsorption cycle configurations that would work in other settings—for example, in air
separation—would not achieve the desired purification of CO2 from flue gas. New
cycle configurations need to be developed.
In addition to developing new cycle configurations for post-combustion capture
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by adsorption processes, an active research area has been the development of better
adsorbents to use in these cycles. Some of the more traditional options for CO2
capture from flue gas include zeolites, in particular zeolite 13X and zeolite 5A. For
example, these have been studied by Merel et al. in a TSA process [82], by Wang
et al. in a hybrid VTSA process [83], and by many researchers in VSA and PSA
processes, (e.g., by Ko et al. [84], Xiao et al. [85], Haghpanah et al. [86]).
Much of the research on new adsorbents for post-combustion capture has also
focused on a class of materials known as metal-organic frameworks, or MOFs (see
reviews by Sumida et al. [87] or Bae and Snurr [88]). Somewhat like the ionic
liquids discussed in the absorption chapter, these materials are promising due to the
tunability of their properties. By altering the metal sites in the crystal structure and
the organic linkers between them, the sorbent will behave differently. Many MOF
configurations are possible, and the properties of theorized MOFs can be estimated
computationally without synthesizing them.
As a result of this wide variety of possible sorbents and development of new cycles,
there has been interest in computationally screening MOF- and zeolite-based sorbents
in conjunction with adsorption cycle optimization, for example by Lin et al. [89] or
by Faruque Hasan et al. [90].

4.1.2

Specific system: optimized vacuum-swing adsorption

The post-combustion adsorption process studied here is a VSA system using zeolite
13X that has been optimized to minimize the electrical work input to achieve the
separation. The separation in this system was designed to capture 90% of the CO2 in
the flue gas supplied, at a CO2 product purity of 90%. It is worth noting that while
the capture percentage (90%) is the same as in the MEA absorption system, the CO2
purity is significantly lower than the >99% purity achieved in the MEA system. In
general, vacuum-swing adsorption systems have lower CO2 purities due to limits on
the vacuum pressures reached. This means that the CO2 from these systems may
be better suited to a different end use than the CO2 from amine absorption systems
(for example, carbon capture and storage is known to have less stringent CO2 purity
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requirements than enhanced oil recovery [21]). Once again, the compression of CO2
to pipeline pressures is not included in the system boundary, since we are focusing
on the exergy efficiency of the separation alone.
The purity and capture percentages, the steps in this system, and the column
modeling assumptions and process optimization, are taken directly from Haghpanah
et al. 2013 [86] and were not altered here. This system was chosen for analysis
here because it is representative of the current state of process development of adsorption systems for post-combustion capture. In these systems, the behavior in the
adsorption column—the key unit for the separation—is well validated and even (as in
Haghpanah et al.’s work) optimized, but other auxiliary parts of the system are less
well established. Here, we summarize the key modeling assumptions of the adsorption column from the work of Haghpanah et al. [86]. A more detailed description can
be found in the original reference. We also describe the modifications made to their
column model to enable an exergy analysis of the system, and detail the assumptions
about the other system devices (beyond the column) that are necessarily implied by
their column model. The exergy analysis of the system is then presented.
In this process, a packed bed of zeolite 13X pellets undergoes a sequence of transient pressurization and depressurization steps, as shown in Figure 4.1. The first
step in the cycle is a pressurization of the column with flue gas, raising the column
pressure from vacuum levels to atmospheric. In this step, which is referred to as the
pressurization step, the column inlet is open, but its outlet is closed. Next, in the
adsorption step, the column outlet is also opened, and flue gas flows through the
column. The inlet flue gas enters at a pressure slightly above atmospheric in order
to overcome the pressure drop in the packed bed and ensure that the column outlet
remains at atmospheric pressure. During this step, CO2 will selectively adsorb onto
the surface of the zeolite pellets, such that the outflow from the column is a waste
gas that has been largely cleaned of its CO2 content. After the adsorption step, the
column inlet is closed. The next step, called blowdown, consists of drawing a vacuum
at the column outlet until the column has reached an intermediate pressure, below
atmospheric but above the lowest pressure in the cycle. The purpose of this step is
to remove most of the nitrogen remaining in the column (largely in the gas phase), so
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Figure 4.1: Cyclic operation of the four-step, four-column VSA system studied here,
where “1” indicates an open valve and “0” indicates a closed valve (the table indicates
the valve state for column A).

that higher-purity CO2 remains. The CO2 is recovered in the final step, the evacuation step. In this step, a deeper vacuum is drawn on the column, although this time
it is drawn from the front end of the column—the area of the column that had been
the inlet in the pressurization and adsorption steps, and which therefore contains the
most CO2 .
The parameters for this cycle (intermediate and low pressures, time elapsed for
each step in the cycle, etc.) are taken directly from Haghpanah et al. 2013 [86]
and are detailed in Appendix B. The electrical work necessary for this cycle is used
for the blower in the adsorption step and the vacuum pumps in the blowdown and
evacuation steps. For this optimized cycle at 90% capture and 90% purity, Haghpanah
et al. reported a necessary work input of 149.0 kWh per tonne of CO2 in the product
stream, or 536.4 kJ per kg of CO2 in the product stream.
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4.2

Exergy analysis at cyclic steady state

We can begin the exergy analysis of this process by noting the exergy efficiency of this
system. For a separation process that takes an input of flue gas at 25◦ C and 1 atm
with a molar composition of 15% CO2 and 85% N2 , then captures 90% of the CO2 at
a purity of 90%, the minimum exergy of separation can be calculated to be 124.6 kJ
per kg of CO2 in the product. With a work input of 536.4 kJ/kg-CO2 required and
no other exergetic inputs, the exergy efficiency of this system is 23.2%.
The composition of the flue gas in this system model is worth discussing here. As
in many adsorption column models, the flue gas in this system is a binary mixture
of CO2 and N2 at mole fractions of 15% and 85%, respectively. If this flue gas were
to come from a coal plant, it would contain at least water and oxygen, and perhaps
remaining SOx and NOx depending on the type of coal and existing clean-up process.
The flue gas modeled in the DOE/NETL amine absorption system in Chapter 3,
for example, does include non-negligible oxygen and water, and small amounts of
argon—though no SOx or NOx . The lack of oxygen in a model of flue gas for a zeolite
13X system is not very concerning, given that oxygen adsorbs even more weakly than
nitrogen on this sorbent (see adsorption isotherms for several relevant gases on zeolite
13X in Appendix C). The same is true for argon.
The water question is a more involved one. Zeolites tend to be very sensitive to
water, because the highly polar water molecules will tend to adsorb very strongly.
Sending wet flue gas directly into a zeolite column would severely affect the primary
CO2 -N2 separation process because the zeolite would quickly become saturated with
water and be unusable. Some of the options for removing water prior to PSA systems
using zeolites include cooling the flue gas to 25◦ C to condense a large fraction of the
water vapor (note that the flue gas in Haghpanah et al.’s system is indeed assumed to
arrive at the PSA system at 25◦ C, which implies prior cooling). Then, the remaining
water can be removed by an additional dehumidification system, for example by
passing the gas over silica gel, either as a separate first layer in the adsorption column,
or as a completely independent column. Interested readers can see Krishnamurthy et
al. 2014 [91] for an extension of the VSA system presented here to include a water
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separation process as well. There has been at least one study of exergy destruction
of drying air with silica gel [102], but no exergy analysis yet of CO2 capture from flue
gas including dehumidification. This could be foreseen as an extension of the work in
this chapter.
For the purposes of the results here then, the separation process is of dry flue gas
containing only CO2 and N2 . The minimum exergy of separation calculation reflects
this separation, which makes it the valid metric to use in the calculation of the 23.2%
exergy efficiency value stated earlier.1 The remainder of this chapter will explain how
to interpret this efficiency value by showing a detailed exergy analysis of the system.

4.2.1

Modeling environment

The VSA system is modeled in Matlab, partly because the existing adsorption column
model had been built in Matlab, and partly because building custom code in Matlab
allows more direct control and fewer black boxes than pre-built packages for modeling
adsorption columns. Aspen Adsorption (formerly Aspen Adsim) was also considered
and evaluated for modeling this system. However, this environment was found to
be difficult to use for the purposes of a detailed exergy analysis because returning
entropy values in this environment was not straightforward, neither for gases, nor
more importantly for adsorbed phases.

4.2.2

Analytical modeling of the column

The basic assumptions governing the transport and conservation equations in this
system are presented here. More detail is given in Haghpanah et al. [86] for the
calculation of coefficients and dimensionless parameters, and for the experimental
validation of this model; however, the general behavior is explained here. The values
of relevant parameters are listed in Appendix B.
1

In a system that included dehumidification, the required exergy input would be higher, but
the minimum exergy of this different separation would be higher as well. Therefore, while the
exergy efficiency of a system with dehumidification would likely be different, no statement can be
made about its value relative to the exergy efficiency of this system without choosing a specific
dehumidification technology to model.
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Species balance
The conservation of species i in this system is represented by a balance of the amount
of species per gas-phase volume, as shown in Eq. 4.1. The transport of species i in
the gas phase along the axis of the column is driven both by advective and dispersive
effects, with negligible effect of radial gradients. Species i will also leave or enter the
gas phase from the adsorbed phase, as represented by the final term in Eq. 4.1.
0 = −εDL

∂ 2 Ci
∂ (vCi )
∂Ci
∂qi
+ε
+ε
+ (1 − ε) ρs
2
∂z
∂z
∂t
∂t

(4.1)

where v is the interstitial velocity, ε is the void fraction of the column (available to the
gas phase), ρs is the density of the sorbent, and DL is the axial dispersion coefficient.
The quantity Ci is the amount of species i in the gas phase per unit volume, and is
given by
Ci = yi ρ̂g =

yi P
RT

(4.2)

assuming ideal gas behavior.
The quantity qi is the amount of species i existing in the adsorbed phase per
unit mass of sorbent (thus requiring the sorbent density ρs in that term). Its rate
of accumulation is equal to the transfer rate of species i from the gas phase to the
adsorbed phase. This transfer rate is driven by a difference in chemical potentials
between the gas and surface phases, and is represented by a linear driving force (LDF)
model with a lumped species transfer parameter ωi .
∂qi
= ωi (qeq,i − qi ) .
∂t

(4.3)

In Eq. 4.3, qeq,i is the amount of species i that would exist on the sorbent at
chemical equilibrium between the gas and the adsorbed phases. By contrast, qi is
the amount of species i currently existing in the adsorbed phase. The equilibrium
value qeq,i depends on the adsorptive behavior of species i, but also of any other
species that will compete with species i for adsorption sites. Therefore, qeq,i must be
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found by assuming a mixing rule for competitive adsorption on the surface (the Ideal
Adsorbed Solution model in this case). For example for a given qi < qeq,i , the transfer
rate ∂qi /∂t will be smaller if multiple species are adsorbed than if only one species is
present, because the value of qeq,i would be smaller in the mixture case.
In this model, CO2 and N2 are the only two species modeled. The adsorption
of each of these pure species, in equilibrium with a gas phase at C = P/RT , is
represented by the dual-site (α and β) Langmuir isotherm
qeq,i =

qsα,i Kα,i C qsβ,i Kβ,i C
+
.
1 + Kα,i C 1 + Kβ,i C

(4.4)

The adsorption constant Ki is given by
Ki = Ki,0 exp(

−∆Ui
)
RT

(4.5)

with different parameters for each species on each site (these parameters’ values are
listed in Appendix B).
Thus far we have been describing the equilibrium adsorption of pure species. The
adsorption of a mixture of the two species N2 and CO2 must be represented by the
choice of a mixing rule. In the work of Haghpanah et al., the mixing rule used was
the competitive- or extended-Langmuir, where adsorption of species i on any site is
represented by a summation in the denominator,
qeq,i =

qs,i Ki Ci
P
.
1 + i Ki Ci

(4.6)

However, for reasons of thermodynamic consistency that will be elaborated in Chapter
5, the mixing rule was modified for the present work. Instead of Eq. 4.6, the Ideal
Adsorbed Solution (IAS) framework of Myers and Prausnitz [92] was used due to its
rigorous thermodynamic basis. There is no concise way to represent this mixing rule
analytically here, but it will be discussed at much greater length in Chapter 5, and
algorithms for its solution are given by O’Brien and Myers for example [93], [94].
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Energy balance

The energy balance in the column rests on several key assumptions, notably that
the column can be considered to be adiabatic, and that the gas, solid, and adsorbed
phase are locally at the same temperature. Equation 4.7 gives the energy balance
while explicitly tracking energetic quantities, while Eq. 4.8 gives the “temperature
form” of the energy balance which is used to model the column numerically.
NS

X ∂(qi ûi,a )
∂ 2T
∂(vρ̂g ĥg )
∂(ρ̂g ûg )
∂(us )
0 = −Kz 2 + ε
+ε
+ (1 − ε) ρs
+ (1 − ε)
ρs
∂z
∂z
∂t
∂t
∂t
i=1
(4.7)
The first term represents axial conduction with coefficient Kz in the column, the
second term is advection of energy through the enthalpy of the flowing gas phase,
and the final three terms represent internal energy accumulation in the gas, sorbent,
and adsorbed phase respectively.

By incorporating the ideal gas law where relevant, we can write the temperature
form of Eq. 4.7.
NS

X
∂ 2T
ĉp,g ∂(vP )
ĉv,g ∂P
∂T
∂T
0 = −Kz 2 + ε
+ε
+ (1 − ε) ρs cs
+ (1 − ε) ρs
ĉv,a qi
∂z
R ∂z
R ∂t
∂t
∂t
i=1
+ (1 − ε) ρs

NS 
X
i=1

ĉv,a T + ∆Ĥi

 ∂q

i

∂t
(4.8)

where ∆Ĥi is the enthalpy of adsorption for species i, and c’s are specific heat capacities. This has assumed that the reference states for energy terms (enthalpy, internal
energy) are at 0 K with constant specific heats, as implemented in the final term.
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Momentum correlation
The momentum balance is handled in this model by using Darcy’s Law to correlate
pressure drops with the advective velocity in the column
−

∂P
150 (1 − ε)2
= 2
µg v
∂z
4rp
ε2

(4.9)

where rp is the particle size and µg is the gas dynamic viscosity.
Summary
To summarize, the key assumptions in this model are given below.
 All gases behave as ideal gases at the states considered.
 The adsorption of pure CO2 on the sorbent can be represented by a dual-site

Langmuir expression, as can the adsorption of pure N2 .
 The competitive adsorption of CO2 and N2 can be represented by the IAS model

of Myers & Prausnitz.
 The linear driving force (LDF) approximation is used for the transfer of species

from the gas to the adsorbed phase, and is controlled by molecular diffusion in
the macropores.
 The column can be modeled as adiabatic.
 Species’ specific heats are constant with changes in temperature.
 Any radial inhomogeneities in temperature, gas phase composition, or adsorbed

phase composition are negligible.
 At any axial position z in the column, temperature differences between the

gas, sorbent, and adsorbed phases are negligible for the solution of the energy
equation.

72

CHAPTER 4. POST-COMBUSTION CAPTURE BY VSA

 Darcy’s Law gives the correlation between velocity and pressure drop in the

column.
 The sorbent properties are uniform everywhere in the column.

4.2.3

Numerical modeling of the column

The system is modeled using a finite-volume numerical scheme in space, the weighted
essentially non-oscillatory (WENO) scheme. This non-oscillatory scheme is preferred
for these systems to reduce non-physical oscillation around the fronts that form due
to the strong source/sink term in the species balances. This is the term that accounts
for adsorption and desorption in Eqs 4.1 and 4.7.
The details of this scheme and its application in this system are given by Haghpanah et al. No changes to the numerical scheme have been implemented here.
As described in their work, the WENO scheme is applied to the advective terms,
while the combination of a forward-difference term and finite-volume term is used
for the second-derivative terms. The application of the numerical schemes for the
space derivatives results in an algebraic expression in space, with remaining analytical derivatives in time. The time derivatives are isolated. Finally, the Matlab ODE
stiff solver ode23s is used to solve the resulting system of ODEs in time.

4.2.4

Reaching cyclic steady state

When the adsorption column goes through the first four-step adsorption cycle, it
is modeled as being filled only with nitrogen at the lowest pressure reached in the
cycle and at 25◦ C. This is the initial condition given to the analytical and numerical
problems described in the previous sub-sections. During the first pressurization step
of the first four-step cycle, flue gas is used to pressurize this nitrogen-filled column
to 1 atm, and the cycle continues. After several cycles, the nitrogen that initially
filled the column is displaced, and the column is now filled with a mixture of nitrogen
and CO2 at the beginning of each new pressurization step. After many cycles, the
composition, pressure, and temperature profiles in the column become the same from
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one complete cycle to the next (although they will clearly vary from one cycle step
to the next). At that point, we say that cyclic steady state (CSS) has been reached.
For optimization studies or other research areas that require fast solution of the
column model, it may be important not to solve more cycles than are necessary to
establish cyclic steady state. Often for carbon capture systems, it is most relevant
to know whether cyclic steady state has been reached only relative to the purity
and capture percentages of the CO2 product stream. For example, cyclic steady
state could be said to be reached when the CO2 purity and capture does not change
significantly over the course of several sequential cycles.
Exergy and entropy values tend to be more sensitive to small changes in the temperature or composition of a state than an overall CO2 capture percentage. Therefore,
it is not necessarily true that cyclic steady state criteria that are relevant for establishing CO2 capture and purity levels are sufficient to ensure that cyclic steady state
has been reached from an exergy point of view, too. In Figure 4.2, the net accumulation of mass, species, and energy in the column for an entire cycle is plotted over
the course of 1000 cycles. Clearly, after approximately 150 cycles, the net, full-cycle
accumulation of mass and energy in the column approaches zero. At this point, no
net change is happening in the column over the course of a complete cycle—cyclic
steady state has been reached.
In Figure 4.3, a similar plot is shown, this time tracking entropy and exergy values. Unlike mass, species, and energy, these two quantities are not conserved. The
entropy-based quantity plotted is the difference between the extensive entropy exiting the column (integrated over the entire cycle) and the extensive entropy entering
the column (also integrated over the entire cycle), multiplied by To . The plotted
quantity is therefore the entropy generated over the entire cycle, minus the entropy
accumulated in the column over the entire cycle (both multiplied by To ).
To (Sout − Sin ) = To Sgen − To ∆Scolumn

(4.10)

Similarly, the plotted exergy quantity (Xin −Xout ) is the sum of the exergy destruction
and the exergy accumulated in the column. Around the 150th cycle, we observe that
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Figure 4.2: Establishing cyclic steady state, tracking mass, species and energy. Results are shown for a column modeled with 30 WENO volume elements.

the entropy quantity and the exergy quantity have converged and reached a steadystate value. At this point, the accumulation of entropy and exergy (and mass and
energy) in the column is zero, and what remains is the Gouy-Stodola relationship
between entropy generation and exergy destruction:
To Sgen = Xdest .

(4.11)

The steady-state value of Xdest shown in Figure 4.3 is the exergy destruction in the
column alone, at steady state. Having established that cyclic steady state has been
reached, we can also analyze the exergy destruction in the other devices in the system,
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and thus achieve an exergy destruction breakdown for the entire separation process
at cyclic steady state. We have also seen that in this case, cyclic steady state for
the purposes of exergy calculations—as identified by the two quantities in Eq. 4.11
converging to the same value—is reached at the same time (around 150 cycles) as
cyclic steady state for species and energy.
Comparing ToSgen and Xdest
100

[kJ]

50

0

To*(Sout - Sin)
Xin - Xout

-50
0

50

100

150
200
Cycle number

250

300

Figure 4.3: Establishing cyclic steady state, tracking exergy and entropy (entropy is
multiplied by To = 298.15 K to compare to exergy directly). Results are shown for a
column modeled with 30 WENO volume elements.

4.2.5

Assumptions about other system components

In the previous sub-section, it was established that at cyclic steady state, we could
quantify the exergy destruction in the system’s adsorption columns by subtracting the
inlet exergy from the outlet exergy, because the exergy accumulation in the columns
is zero at cyclic steady state.
Xdest,column = Xin,column − Xout,column

(4.12)

These two quantities are integrated over the course of the entire cycle,
Z
Xin,column =

Ṅin (t)ψ̂in (t)dt
tcycle

(4.13)
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Z
Xout,column =

Ṅout (t)ψ̂out (t)dt

(4.14)

tcycle

with ψ̂ indicating molar flow exergy.
Given the conditions Haghpanah et al. [86] have established about the operation
of the adsorption column (which is the only system component modeled in their
work), it is possible to draw some conclusions about which other devices or implied
processes must exist elsewhere in the VSA system. These conclusions are illustrated

Waste from Ads.

WADS

Waste from BD.

QADS

Waste
mixer & cooler

WBD
CO2 from Evac.

WEVAC

CO2
1 atm, 25⁰C

QWASTE

Waste
1 atm, 25⁰C

Feed (Flue)
1 atm, 25⁰C

in Figure 4.4, are explained below.

CO2
mixer & cooler

QCO2

Columns

Figure 4.4: Other system components required given known operation of the column.
During the pressurization step, the column is supplied with flue gas at 1 atm
and pressurized from a low pressure to 1 atm. Clearly, there must exist a throttle
through which the flue gas passes as it pressurizes the adsorption column. Noting the
existence of this throttle is not important for calculating the necessary electrical work
for this system (a first-law analysis of the process), because throttles neither perform
nor receive work. In fact, if the throttle is modeled as adiabatic, which is a common
assumption for these devices, the device is isenthalpic: No energy change happens at
all, nor a temperature change if the gas flowing through can be modeled as an ideal
gas (as the enthalpy of an ideal gas is only a function of temperature). However,
from a second-law point of view, recognizing that a throttle exists is not negligible.
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Flow through a throttle is irreversible, and the entropy generation—and the exergy
destruction—through this device can and should be quantified for an exergy analysis.
Assuming an adiabatic, isenthalpic throttle with ideal gases flowing through it,
we can find the exergy destruction in the throttle,
Z
Xdest,throttle = To

Ṅin (t)R̂ ln
tpress

Pf eed
Pin,column (t)

dt.

(4.15)

Substituting for the molar flow rate based on known properties at the column inlet,
Z
Xdest,throttle = To
tpress

Pin,column (t)
Pf eed
vεA ln
dt
Tin,column
Pin,column (t)

(4.16)

where v is the interstitial velocity of the gas flowing into the column cross-section, A
is the column cross-sectional area, and ε is the column void fraction.
Note that this assumes that the molar flow rate at the column inlet is the same as
the molar flow rate through the throttle, which is an assumption of zero accumulation
between the valve and the beginning of the packed bed. This includes an assumption
of zero accumulation in any header space in the column, or more precisely of zero
header volume, as well as zero accumulation in all valves and piping between the
throttle and the column. Neither of these assumptions would be valid in reality.
The header volume in particular should be better understood and modeled in future
work, given that concentration, temperature, and possibly pressure gradients could
exist in this space, which would all result in exergy destruction. However, as a first
pass, neglecting the header volume is appropriate given that the rest of the column—
with adsorption, desorption, and large composition and temperature gradients—will
likely exhibit greater exergy destruction. The assumption of zero accumulation (and
therefore zero mixing and zero irreversibility) in the pipes in the system could only
be removed once an understanding of the actual system’s operation were attained.
The throttle is the only system component that is implied by the column’s operation during the pressurization step. During the adsorption step, flue gas is pressurized
slightly above 1 atm, in order to ensure a continuous, steady flow of gas into the column (in the mathematical modeling of this step, the inlet velocity is specified rather
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than the inlet pressure) and to maintain the column outlet at a constant pressure
of 1 atm. The expression for the calculation of blower work given in Haghpanah et
al. [86] has implicitly assumed an adiabatic compression with a constant isentropic
efficiency ηs of 72%,
Wblower

1
=
ηs

"

Z
Ṅin (t) · ĉp (t) · Tf eed
tads

Pin,column (t)
Pf eed

 γ−1
γ

#
− 1 dt

(4.17)

where assuming that Ṅ through the blower equals Ṅ into the column (assumption of
zero accumulation in other system components) results in

Wblower

1
=
ηs

Z
tads

γ
Tf eed
Pin,column · vεA
γ−1
Tin,column

"

Pin,column (t)
Pf eed

 γ−1
γ

#
− 1 dt.
(4.18)

These assumptions allow us to define the exergy destruction in the blower as follows:
Z
Xdest,blower = To
tads

Pin,column (t)
R̂Tin,column




Tout,blower (t)
Pin,column (t)
· vεA ĉp ln
− R̂ ln
dt.
Tf eed
Pf eed
(4.19)

where the temperature exiting the blower is given by
(
Tout,blower (t) = Tf eed

1
1+
ηs

"

Pin,column (t)
Pf eed

 γ−1
γ

#)
−1

.

(4.20)

At this point, we explicitly notice that the temperature of the gas exiting the
blower will be higher than the feed gas, due to the adiabatic compression process.
We also notice that the model of the adsorption column specifies that the temperature
of the gas at the column inlet is constant at 25◦ C. This implies that the gas will be
cooled after compression, which will also incur some exergy destruction. The heat
transfer required to restore the gas stream to the required column inlet temperature
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is given by
Q̇ads



Tout,blower
γ
Pin,column (t) · vεA
−1
=
γ−1
Tin,column

(4.21)

The exergy destruction associated with this heat transfer depends on the temperature
of the system boundary at which the heat transfer is defined to occur. In order to capture the entirety of the exergy destruction due to this process within the boundaries
of the carbon capture process, the heat transfer must be rejected to the environment
at To . If it were rejected at a higher (or lower) temperature, it would still have exergy
which would then be destroyed by equilibration in the environment. Drawing the
boundary at To ensures that the entire exergy destruction is counted.
"

Z
Xdest,cooler,ads = To
tads

#
Q̇ads
γ
1
Tin,column
+
Pin,column (t) · vεA ·
ln
dt
To
γ−1
Tin,column
Tf eed
(4.22)

During the blowdown step, nothing enters the column, but gas is withdrawn from
the column using a vacuum pump and delivered at 1 atm. Once again, the assumption
made in the work calculation by Haghpanah et al. was that of a single-stage adiabatic
compression with an isentropic efficiency of 72%, where there is zero accumulation
between the column outlet and the vacuum pump outlet.

Wpump,BD

1
=
ηs

"

Z
Ṅout (t) · ĉp (t) · Tout,column
tB D

Pout,pump
Pout,column (t)

 γ−1
γ

#
− 1 dt (4.23)

Assuming that Ṅ through the vacuum pump equals Ṅ out of the column (assumption
of zero accumulation in other system components) results in

Wpump,BD

1
=
ηs

Z
tBD

γ
Pout,column (t) · vεA
γ−1

"

Pout,pump
Pout,column (t)

 γ−1
γ

#
− 1 dt

(4.24)

Here v is now the interstitial velocity at the column outlet. This results in the
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following exergy destruction in the vacuum pump
Z
Xdest,pump = To
tBD

Pout,column (t)
R̂Tout,column


Pout,pump (t)
Tout,pump (t)
− R̂ ln
dt
· vεA ĉp ln
Tout,column
Pout,column


(4.25)
where the temperature exiting the vacuum pump is given by
(
Tout,pump = Tout,column

1
1+
ηs

"

Pout,pump
Pout,column

 γ−1
γ

#)
−1

(4.26)

During the evacuation step, a vacuum pump is used to draw an even deeper
vacuum on the column. The relevant equations for work done and exergy destruction
in the vacuum pump follow those just described for the blowdown step. However,
what happens to the waste stream and the CO2 product stream after the vacuum
pumps is also worth discussing.
The CO2 product stream is considered to be delivered at 1 atm and 25◦ C, and at
a constant composition. However, while the CO2 stream leaving the vacuum pump
during the evacuation step is at 1 atm, it is neither at 25◦ C (due to having gone
through an adiabatic compression over a large pressure ratio), nor is it at constant
composition (because the mole fraction of the gas leaving the column changes in time).
Therefore, a cooling and mixing process are both necessary to bring the product gas to
exit the cycle at the required conditions. In the absence of more detailed information
about these two processes, they have been combined for analysis into a single, blackboxed step as a cooled mixer, see Figure 4.4. This cooled mixer will have significant
accumulation of species over the course of a single cycle, but from one cycle to the
next (at cyclic steady state) the net accumulation of species and energy in the cooled
mixer will be zero.
Similarly, the waste streams from the adsorption step and from the blowdown
step are both considered to be waste, and are considered to be delivered at 1 atm
and 25◦ C at a constant mole fraction. This implies that there is also a mixing and
cooling process undergone by both streams together, as shown in Figure 4.4.
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The heat transfer out of each of the cooled mixers is given by
Z

Z
Ṅout ĉp,out (Tout − Tref )dt −

Qmix&cool =
tcycle

Ṅin (t)ĉp,in (t)(Tin (t) − Tref )dt
tcycle

(4.27)
where Tref is an arbitrary reference temperature and can be chosen to be anything,
since it will cancel out of this equation. The exergy destruction can be found for
this process, again assuming that the heat transfer occurs at the temperature of the
environment To to correctly account for all irreversibility.2
"
Xdest,mix&cool = To ·

Qmix&cool
+
To

Z

Z
Ṅout ŝout dt −

tcycle

#
Ṅin (t)ŝin dt

(4.28)

tcycle

The irreversibility in this process will therefore come from both the heat transfer out
of the system and also the entropy of mixing, as reflected in the ŝ values.

4.2.6

Results and discussion

Earlier we stated that the exergy efficiency of this VSA carbon capture system was
23.2%, based on the purity of the CO2 product, the capture fraction, and the necessary
electrical work given by Haghpanah et al. [86]. This means that 76.8% of the exergy
supplied to the system is destroyed. This section will discuss the potential to improve
the exergy efficiency of this system. It is important to note that the system modeled
by Haghpanah et al. has already been optimized for minimizing the required electrical
work—under certain modeling assumptions—for separating CO2 at a set purity and
recovery. However, one of the conclusions of this section is that this work may still not
have been minimized, due to assumptions about how the vacuum pumping is done.
In Figure 4.5, we show the distribution of this exergy destruction in each system
2

As a reminder, note that this is a different statement than saying that the gas, or the heat
exchanger, or the cooling fluid are at To . If the heat transfer occurs at a different temperature than
To , the heat transfer still has exergy. Eventually, that exergy must either be used or be dissipated
in the environment. If it were used, the exergy efficiency of the system would be higher. By clearly
defining the system boundary for calculating the minimum exergy of separation, we are imposing
that any “extra” heat transfer out must no longer have exergy—i.e. it leaves the system at To .
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component, modeled with the assumptions from Haghpanah et al. as described above.
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Figure 4.5: Exergy destruction in each section of the VSA system.
The greatest destruction by far is in the “cooled mixer” we introduced by logical
deduction of the transformations necessary to restore the CO2 stream to its intended
final state after exiting the vacuum pump. In order to understand this somewhat
surprising result, we can examine the state of the CO2 product stream at the outlet
of the vacuum pump. This stream has a constant pressure at 1 atm. However, its
temperature will change over the course of the evacuation step as a deeper vacuum
is drawn on the column, thus increasing the pressure ratio the gas will undergo in
the adiabatic vacuum pump. Similarly, the mole fraction of this stream will change
over the course of the evacuation step as more CO2 is pulled from the adsorbed phase
into the gas phase and out of the column. The purpose of the cooled mixer is to
accumulate and cool the CO2 product to release it as a homogeneous mixture at
25◦ C.
The temperature and mole fraction of the CO2 stream exiting the vacuum pump
during the evacuation step are shown in Figure 4.6. Clearly, this stream’s temperature
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Figure 4.6: Mole fraction and temperature of the gas at the outlet of the vacuum
pump in the evacuation step.
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has increased very significantly as a result of being compressed adiabatically from the
low pressure of 0.02 bar to atmospheric pressure in the vacuum pump. Cooling this
high-temperature stream to 25◦ C results in a large amount of heat transfer, and if
none of that heat transfer is used (which is the assumption taken here), a large amount
of exergy is destroyed.
The question now is whether this is representative of what would actually occur
in a real system. The concept of having a vacuum pump operated between 0.02 bar
and 1 atm as a single adiabatic compression stage is unlikely. However, it is indeed
what is often modeled when predicting the work necessary for operating these systems
(see, for example, Riboldi and Bolland 2015 [95], Faruque Hasan et al. [90], Lin et
al. [89]). In the literature, Xu and Webley mention this in a similar study of a
vacuum swing adsorption system for post-combustion capture [96]. They note: “We
expect commercial scale multiple stage vacuum units with efficiencies which depend on
vacuum pressure. Therefore, it is important not to take the absolute power numbers
as reliable predictors rather, our goal here is to compare the power between [several
different cases].” A multi-stage, intercooled system would have the effect of reducing
the exergy destruction observed in our simplified cooled mixer pseudo-device, and
then have the effect of reducing the work necessary for the vaccum pump, raising the
exergy efficiency for this separation system.
As a first-pass exercise to estimate the possible gains in system efficiency achievable by intercooling vacuum pump stages, we cool the stream to 35◦ C at evenlydivided pressure ratios between the two end points. In Figure 4.7 the effect of using
even one intercooling stage is clear, with a 4.5 point exergy efficiency gain. The results
for 5 and 10 stages are shown not as a realistic suggestion, but to give a sense of the
limits of the efficiency gain that can be made by intercooling this vacuum pumping
process, and to give context to the 4.5-point gain with a single stage. As the number
of intercooling stages increase, the exergy destruction in the CO2 cooled accumulator
is nearly eliminated. What remain are the exergy destruction in the vacuum pump
(due to the isentropic efficiency of the machinery)3 , in the intercooling itself, and
3

Note that the exergy destruction in this device from 0 to 10 intercooling stages increases not
due to changes in the isentropic efficiency—which is held constant—but instead because of the
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finally—and most importantly—in the adsorption column.
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Figure 4.7: Distribution of the exergy destruction in the VSA system, with and
without intercooling stages in the vacuum pumping process during the evacuation
step. The black line shows the system exergy efficiency.
The proportion of the exergy destruction that occurs in the adsorption column
is a more realistic value. Many adsorption column models are well-validated against
lab-scale or even pilot-scale experiments, including the model used in this work [97].
Reducing the exergy destruction in the column requires a more detailed awareness of
what is happening in each individual step in the cycle, in order to modify the path
taken to reach the desired end states. In fact, a significant amount of adsorption
research is concerned with increasing the system efficiency by changing the nature of
the steps in the batch cycle. For example, the electrical work needed to operate the
adsorption cycle can be reduced by adding extra pressure-equalization steps [85] or by
including reflux steps [98]. In order to calculate the exergy destruction in the column
during an individual cycle step, we must be able to quantify the exergy accumulated
dependence of compression irreversibility on pressure ratio.
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in the adsorbed species on the surface of the sorbent. Understanding and exploring
the thermodynamic relationships that are relevant to adsorbed phases, in order to
enable the exergy analysis of a step in a batch adsorption cycle, is the focus of the
next chapter.

4.3

Summary

In this chapter, we model and analyze a post-combustion CO2 capture system that
operates by selective adsorption of CO2 on a porous sorbent, zeolite 13X, undergoing
a vacuum-swing adsorption cycle. The modeling assumptions are discussed, and
the exergy analysis of the system at cyclic steady state is presented, treating the
adsorption columns as a black-box. It was found that the greatest exergy destruction
in the system was in the mixing, and especially the cooling, of the CO2 product
stream, but the realism of this finding is uncertain and is discussed. Incorporating
stages of intercooling in the vacuum pumping process would increase the system
efficiency by several points.
The second largest exergy destruction in the system is found to be in the adsorption column. Therefore, Chapter 5 presents the derivation, from basic principles, of
the exergy of an adsorbed phase, in order to enable the exergy analysis of unsteady
adsorption steps in the column.

Chapter 5

Thermodynamic Properties for
Exergy Analyses of Adsorption
Columns

This chapter explains and develops the thermodynamic relations that are necessary
to perform an exergy analysis of an unsteady adsorption step in an adsorption column
or other adsorption process. In order to perform such an analysis, the accumulation
of exergy on the surface of the sorbent, in an adsorbed phase with behavior different
from that of the gas phase, must be able to be defined clearly. However, relative
to bulk mixtures of electrolytic solvents and solutes (as covered in Chapter 3), the
thermodynamics of adsorption are less commonly known. Here, the exergy of an
adsorbed phase is derived from fundamental principles. Restrictions on adsorbedphase equations of state and mixing rules, as well as the definition of the dead state,
are discussed. The motivation for this chapter is to enable a detailed exergy analysis
of the adsorption column from the post-combustion CO2 capture system of Chapter
4; however, the expression derived here applies generally to any adsorption process.
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5.1

Background from previous exergy analyses of
adsorption processes

Exergy has been used as a metric, directly or indirectly, to analyze adsorption-based
processes in a small number of previous studies. Banerjee et al. studied the exergy
destroyed in a pressure-swing adsorption process for air separation [99], [100]. In their
study, they quantified the exergy destruction in several system components at cyclic
steady state, but did not analyze the transient operation in the column, and therefore
did not quantify the exergy accumulated in the adsorbed phase.
Several studies have analyzed the exergy destruction during the dehumidification
of air by silica gel. Lior and Al-Sharqawi focused on the flow of humid air through a
desiccant-lined channel, to understand how the transient temperature, velocity, and
composition gradients at the boundary of the desiccant affected exergy destruction
[101]. Because of their particular system configuration, they could treat the adsorbedphase properties as behaving like liquid water, and account for the exergy from the
heat of adsorption as a simple heat transfer. They did not need to derive a general
expression for the exergy of adsorbed species. Worek et al. tracked exergy destruction
in a silica gel dehumidification batch cycle, instead of through a flowing channel [102].
This scenario bears more resemblance to the batch-cyclic processes used for carbon
capture. However, in all of these studies, the presence of a single species (water) near
its liquid saturation point greatly simplifies the process, allowing assumptions that
are not possible for adsorbed mixtures of CO2 and nitrogen.
Kearns and Webley have been the only ones, to our knowledge, to define the
exergy of an adsorbed phase explicitly to perform an exergy analysis, and to do
so in a way that is applicable to adsorbed mixtures of gases [103]. The system
they modeled was an air-separation, pressure-swing adsorption process. For this
process, certain simplifications in the choice of equations of state (linear isotherms,
binary mixtures, ideal gases) are valid, and were applied during their derivation.
Moreover, the exergy expression they applied was taken from standard, bulk-phase
thermodynamics without justification.
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The goal of the present work is to develop, from fundamental principles, an expression for the exergy of adsorbed phases that imposes no particular equation of state
form. It should be noted that the expression derived here does reduce to Kearns and
Webley’s expression when their assumptions are invoked, despite the very different
approach taken in the derivation.

5.2

Thermodynamic definitions relevant to an adsorbed phase

The thermodynamics of adsorption have been studied and written about extensively,
starting with Gibbs in 1877 [104]. Here we summarize and discuss the results that are
directly relevant to our application, namely the derivation of the exergy of adsorbed
phases. For comprehensive discussion of the thermodynamics of adsorption, see the
work of Young and Crowell [105], and Rudzinski and Everett [106], among others.

5.2.1

Defining the adsorbed phase

In order to discuss thermodynamic properties of an adsorbed phase, we need to have
a definitive sense of where and what this phase is. We can think vaguely about
the adsorbed phase as a region near the surface of a solid where gas molecules have
agglomerated at a different number density than in the bulk gas phase, as shown in
Figure 5.1a. However, this does not set clear boundaries between the three phases—
solid (or sorbent), gas, and adsorbate. If we take an overall volume V t that contains
some solid, some bulk gas phase, and some adsorbed species, then the number density
of a chemical species does not go through a detectable sharp change that would allow
us to set the position of a phase boundary; the phases ease into each other. This means
that it is not straightforward to split up the total volume V t into three sub-volumes
V s , V g , and V a for the solid, gas, and adsorbed phases.
Gibbs [104] resolved this vagueness using a mathematical model: He introduced an
artificial discontinuity—an interface—that is placed so as to account for all extensive
properties of the chemical species with no loss of conserved quantities. We start with
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Figure 5.1: The gas-sorbent-adsorbate interphase region, represented either by a continuous gradient (in (a)) or by an interface (in (b)). In each of the lower rectangles,
the shading represents the particle number density represented by the plot immediately above it. Lighter shading corresponds to a higher particle number density.
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our volume V t , which includes all three phases. Now imagine that instead of trying
to create two interfaces to separate V t into three volumes V s , V g , and V a , we try
instead to create a single interface between V s0 and V g0 , as shown in Figure 5.1b.
Taking V s0 as a property of the solid, it must have the number density of the bulk
solid everywhere—it must be homogeneous, since it is a phase. Similarly, V g0 should
then have everywhere the number density of the bulk gas, so there will be a distinct
discontinuity in particle number density at the interface between the two phases.
The number of particles in each phase, N s0 and N g0 , will therefore vary based on
the size of V s0 and V g0 —in other words, they will vary based on the chosen position
of the interface. If we are tracking a species that exists mainly in the gas phase
and negligibly in the solid phase, like the example shown in Figure 5.1, moving the
interface to the left (into the solid) will result in a larger total number of particles,
N (g+s)0 = N g0 + N s0 . Similarly, moving the interface to the right will result in a
smaller number of particles N (g+s)0 . But the total number of particles inFigure 5.1b,
N t0 , has to be equal to the total number of particles in Figure 5.1a, N t , to ensure that
matter is conserved. We can therefore think of a delta function of particle number
density along the interface, accounting for the difference between N t and N t0 . This
difference is N a0 , the number of particles in the adsorbed phase, and its value will
become smaller or larger as the interface is moved to the left or right, respectively.
When the expression Gibbs dividing surface is used, it refers to an interface that
is positioned such that N a = 0, so that all particles are assigned either to the gas
phase or the solid phase. This is the basis for the measurement of the void fraction
of porous media: a “non-adsorbing” gas is allowed to fill a previously cleaned and
evacuated sample of porous solid in a rigid tank at a set temperature and pressure.
By measuring the number of moles of gas that have entered the tank to fill the
sample, the volume of gas is found using an equation of state for the gas phase. This
volume is the one used to define the volumetric void fraction for the material, so this
measurement effectively assigns all space either to the gas phase or to the solid phase.
In actual adsorption processes, there are usually several different species present
in the gas phase, which may each adsorb to different degrees. This would result in
a different location for the Gibbs dividing surface for each species. In order to set
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a common reference, the void fraction of porous media is measured with a single
component gas that is as lightly-adsorbing as possible, typically helium. This sets
the position of the Gibbs dividing surface. For all other gaseous species on the same
sorbent, the value of N a is no longer zero, and there will be a delta function of
particle number density at the interface. This quantity N a is known as the Gibbs
excess adsorption, and it determines the amount of the species that is considered to
be in the adsorbed phase. The Gibbs definition of an adsorbed phase is thereby a
zero-volume phase that contains the amount of species that has been assigned neither
to the bulk gas phase nor to the clean, bulk solid.

5.2.2

Thermodynamic relations for the adsorbed phase

The discussion so far has been concerned only with defining the amount of chemical
species that is assigned to the adsorbed phase. In order to define the exergy of this
phase, we will also need to understand the thermodynamic relations that apply to
it. The thermodynamics of these phases differ from the thermodynamics of bulk
phases. Because adsorbed phases are modeled as zero-volume interfaces, the ways in
which their internal energy can be modified are different from those of bulk phases.
This is reflected in the adsorbed phase versions of the Gibbs equation (Eq. 5.1), the
Euler relation (Eq. 5.2), and the Gibbs-Duhem equation (Eq. 5.3), all of which lack a
pressure-volume product term. These equations can be found, with deeper discussion,
in Myers [2].
Gibbs equation for adsorbed phases:
a

a

dU = T dS +

NS
X

µi dNia + Φdms

(5.1)

µi Nia + Φms

(5.2)

i=1

Euler relation for adsorbed phases:
a

a

U = TS +

NS
X
i=1
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Gibbs-Duhem equation for adsorbed phases:
s

a

m dΦ = −S dT −

NS
X

Nia dµi

(5.3)

i=1

Here the superscript a refers to the properties of the adsorbed phase, and N S refers
to the total number of species. The parameter Φ that appears in these equations is
known as the surface potential, and it accounts for the change in the chemical potential
of the solid sorbent as a result of adsorption. Specifically, it is the difference between
the chemical potential of the clean, evacuated sorbent, and the chemical potential of
the sorbent after coming to equilibrium with the adsorbed phase (on a per-mass-ofsorbent basis):
Φ=

1
M̂ s


µs,clean − µs,post−ads .

(5.4)

where M̂s is the molar mass of the sorbent. Even though this property originates from
a change in the chemical potential of the sorbent, it is a property of the adsorbed
phase under the Gibbs dividing surface concept (which assigns all adsorption-related
effects, including the chemical potential change of the sorbent, to the adsorbed phase).
The surface potential Φ is also often represented in the literature as the product of
a surface area A and a spreading pressure Π, by analogy with surface tension at
interfaces [2], [107], [108]. In highly porous sorbents, the surface area is often illdefined, so the use of the surface potential Φ is preferred.

5.3
5.3.1

Exergy of the adsorbed phase
System definition

A key concept underlies the definition of the phases using the Gibbs dividing surface
in Section 5.2.2: The extensive properties of the adsorbed phase are defined only by a
difference between the extensive properties of an equilibrated gas-sorbent-adsorbate
system and those of the free bulk gas and clean sorbent phases. It is impossible
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to derive any extensive property of the adsorbed phase without starting from the
extensive properties of the full, three-phase system.

Environment
T0 , P0 , i,0

δNi
μi,0

δQ
T0

δWb
P0

s
Tsys , Psys , msys
, N ig, sys , N ia, sys

System

δW

Figure 5.2: Definition of the system with all possible transfers. Note that the transfers
cross the boundary between the system and the environment (indicated by the dashed
line) at the environmental state.
For this reason, to derive the exergy of the adsorbed phase we first define a system
g
that contains a mass mssys of sorbent, an amount Ni,sys
of species i in the gas phase,
a
and a Gibbs excess amount Ni,sys
of species i in the adsorbed phase. We will first

derive an expression for the extensive exergy of this combined system. Then, we
will solve for the exergy of the adsorbed phase by acknowledging that exergy is an
extensive property, and that we can therefore subtract the exergy of the bulk gas and
solid phases from the total exergy of the system:
X a = X t − (X g + X s ) ,

(5.5)

where the superscript a refers to the adsorbed phase, g refers to the gas phase in
equilibrium with that adsorbed phase, s refers to the clean solid sorbent, and t refers
to the total gas-sorbent-adsorbate system.
The system is initially at a temperature Tsys , at a pressure Psys , and the chemical
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potentials are equal across phases within the system boundary. The system is then
allowed to interact with the environment, which is at a state To , Po , and µi,o , as shown
in Figure 5.2. Only three forms of interactions are possible between the system and the
environment: heat transfer (δQ), matter transfer (δNi ), and boundary work (δWb ).
Additionally, we allow work (δW ) to be extracted from the system while it interacts
with the environment. The boundary of the system, indicated by a dashed line in
Figure 5.2, is located such that all transfers cross the boundary at the environmental
state (and any irreversibilities are therefore confined within the system boundary).
For the purpose of this derivation, positive values of δQ and δNi represent transfers
into the system, while positive values of δWb and δW represent transfers out of the
system, as indicated by the arrows in Figure 5.2.

5.3.2

Exergy of the system

The exergy of any system is the maximum work that can be extracted while the
system comes to equilibrium with the environment. Mathematically, this is defined
by maximizing the path integral of δW from the system state to the environmentally
equilibrated state, known as the dead state.
t

Z

DeadState


δW

X = max

(5.6)

SystemState

To find an expression for δW we start by writing balance equations for the system
defined in Figure 5.2.
Energy balance:
t

0 = dU + δW + δWb − δQ −

NS
X

h̄i,o δNi

(5.7)

i=1

Entropy balance:
NS

δSgen

δQ X
= dS −
−
s̄i,o δNi
To
i=1
t

(5.8)
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We can combine Eqs. 5.7 and 5.8 by eliminating δQ and rewriting the resulting
equation to isolate δW

t

t

δW = −dU − δWb + To dS +

NS
X


h̄i,o − To s̄i,o δNi − To δSgen .

(5.9)

i=1

We recognize that the boundary work δWb is given by δWb = Po dV because the
system boundary is located at the dead state (To , Po , µi,o ). We also recognize that
the expression h̄i,o − To s̄i,o is the chemical potential of species i at the dead state µi,o .
By writing the conservation law for the amount of species i, we know that
δNi = dNi

(5.10)

where δNi refers to the transfer of species i from the environment to the system,
while dNi refers to the accumulation of species i in the system. To be able to make
this equality, we have to presuppose that the adsorption process is non-reactive (i.e.,
that no new species are created from species in the gas phase). This comes from
the definition of an adsorption process: If gas species reacted with each other on the
surface, the process is catalysis, and if gas species reacted with the surface of the solid
to form a new compound, it is a surface reaction. In this section, we will additionally
restrict the species i to those that already exist in the environment. The effect of
relaxing this assumption will be examined in Section 5.3.7.
Making the substitutions for boundary work, chemical potential, and transfer of
species, we rewrite Eq. 5.9
t

t

t

δW = −dU − Po dV + To dS +

NS
X

(µi,o dNi ) − To δSgen

(5.11)

i=1

where the first four terms on the right hand side are now exact differentials and are
therefore easily integrated. Integrating this expression from the system state to the
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dead state results in
DeadState

Z

t
t
t
− Sot )
− Vot ) − To (Ssys
− Uot ) + Po (Vsys
δW = (Usys

SystemState

−

NS
X

t
t
µi,o (Ni,sys
− Ni,o
)−

Z

(5.12)

DeadState

To δSgen
SystemState

i=1

From Eq. 5.12, it is clear that the useful work extracted from the system is
maximized when the process path is reversible (i.e., Sgen = 0). We therefore arrive at
an expression for the exergy of the system by imposing a reversible process:
t

X =

t
(Usys

−

Uot )

+

t
Po (Vsys

−

Vot )

−

t
To (Ssys

−

Sot )

−

NS
X

t
t
µi,o (Ni,sys
− Ni,o
)

(5.13)

i=1

5.3.3

Exergy of the adsorbed phase

The expression for the exergy of the system in Eq. 5.13 can be applied to any system,
adsorption-related or not, under the non-reactive constraint imposed. This result is
already well known (among others, [109], [110]), although the path to deriving it here
is somewhat different. Showing this derivation rigorously is important for appreciating
its general applicability, including to systems that include a non-negligible adsorbed
phase. This approach for deriving exergy of systems, and for the extension to nonenvironmental species in Section 5.3.7, can be seen in more detail in [29].
Expanding the terms in Eq. 5.13 for the gas-sorbent-adsorbate system, we can
isolate the exergy of the adsorbed phase alone. For any extensive property Z, we
know that
Zt = Zg + Zs + Za

(5.14)
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Expanding the terms in Eq. 5.13, we arrive at
g
s
a
X t = (Usys
+ Usys
+ Usys
− Uog − Uos − Uoa ) +
g
s
a
Po (Vsys
+ Vsys
+ Vsys
− Vog − Vos − Voa )
g
s
a
− To (Ssys
+ Ssys
+ Ssys
− Sog − Sos − Soa ) −
NS
X

(5.15)

g
g
s
a
s
a
µi,o (Ni,sys
+ Ni,sys
+ Ni,sys
− Ni,o
− Ni,o
− Ni,o
)

i=1

We can now remove the exergy of the bulk gas and sorbent phases from this
combined expression. Applying Eq. 5.13 to the gas phase alone results in
g

X =

g
Usys

−

U0g



+

g
P0 Vsys

−

V0g



−

g
T0 Ssys

−

S0g



−

NS
X


g
g
µi,0 Ni,sys
− Ni,0
.

i=1

(5.16)
g
Here we note that we do not actually know the value of Ni,o
at the dead state, because

an unknown amount of species i has left the system boundary over the course of
equilibration with the environment, and an unknown amount of species i may have
been transferred between the gas phase and the adsorbed phase during this process.
However, using the Euler relation for the gas phase, we can find a relationship between
the dead state quantities
Uog − To Sog + Po Vog =

NS
X

g
µi,o Ni.o
,

(5.17)

i=1

which, when applied to Eq. 5.16, results in
g
g
g
−
X g = Usys
+ Po Vsys
− To Ssys

NS
X

g
µi,o Ni,sys
.

(5.18)

i=1

The absence of extensive quantities at the dead state in Eq. 5.18 shows that
it is not necessary to precisely know how much of species i has entered or left the
gas phase, whether from the environment or from the adsorbed phase, during the
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equilibration to the dead state.
We can apply the same reasoning to the solid sorbent. This results in two equivalent expressions for the sorbent’s exergy:
s

X =

s
(Usys

−

Uos )

+

s
Po (Vsys

−

Vos )

−

s
To (Ssys

−

Sos )

−

NS
X


s
s
. (5.19)
− Ni,0
µi,0 Ni,sys

i=1

NS
X

s
s
s
X s = Usys
+ Po Vsys
− To Ssys
−


s
s
µi,0 Ni,sys
− Ni,0
.

(5.20)

i=1

Subtracting Eqs. 5.16 and 5.19 from Eq. 5.15 isolates the exergy of the adsorbed
phase:
a
a
a
X a = (Usys
− Uoa ) + Po (Vsys
− Voa ) − To (Ssys
− Soa ) −

NS
X


a
a
µi,0 Ni,sys
− Ni,0
. (5.21)

i=1

By Gibbs’ definition of an adsorbed phase, the volume of this phase is zero, whether
at the system state or at the dead state, resulting in
a

X =

a
(Usys

−

Uoa )

−

a
To (Ssys

−

Soa )

−

NS
X


a
a
µi,0 Ni,sys
− Ni,0
.

(5.22)

i=1

Finally, we can subtract the Euler relation for adsorbed phases (Eq. 5.2), applied at
the dead state, from this expression to eliminate the extensive quantities at the dead
state:
a

X =

a
Usys

−

a
To Ssys

−

NS
X

a
− Φo ms .
µi,0 Ni,sys

(5.23)

i=1

Equations 5.22 and 5.23 are general expressions for the exergy of the adsorbed
phase. Both are equivalent, although Equation 5.23 may be preferred for ease of
calculation. Apart from the statement that adsorption processes are non-reactive and
can be characterized using a Gibbs dividing surface, we have made no restrictions on
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the nature of the adsorbed phase. We have considered only environmental species
so far, but this limitation will be relaxed in Section 5.3.7. Next, we discuss how to
calculate the thermodynamic properties of the adsorbed phase (U , S, Φ).
Kearns and Webley’s final expression for the exergy of adsorption systems [8] is
compatible with this result. Applying their equations of state for the gas, sorbent,
and adsorbed phases to Eq. 5.22 or 5.23 results in their final expression. This
compatibility can be seen as mutual reinforcement for our work and theirs. The
current work justifies Kearns and Webleys initial choice of expression for exergy, and
their work is an example of Eq. 5.22 or 5.23 applied to an air separation adsorption
system under certain modeling assumptions.

5.3.4

Properties for adsorbed phases: single component

Adsorption data are usually reported along isotherms, where the amount of a species
adsorbed on a given mass of sorbent is measured for a range of pressures at a constant
temperature. The functional forms for these adsorption isotherms, fit to experimental
data, are the thermal equations of state for adsorbed phases (analogous to the P -v-T
relationships of bulk phases). With some care in the choice of the functional form,
the adsorption isotherm can therefore be used to derive thermodynamic properties.
When fitting an adsorption isotherm function to a set of adsorption data, a primary concern for researchers is understandably choosing a functional form that represents the observed data’s behavior well. However, the need to use the isotherm as the
basis for the calculation of thermodynamic properties imposes additional restrictions.
These additional restrictions all relate to being able to solve for the surface potential and its derivatives. Expressions for the surface potential, internal energy,
entropy, and Gibbs free energy can be constructed from the thermodynamic relations
listed in Section 5.2.2. Myers [2] shows these derivations in detail, and the key results
are listed here in Table 5.1.
In order to be able to solve for the surface potential using the integral in Table 5.1,
and then solve for all other properties of the adsorbed phase, two criteria must be
satisfied. First, the adsorbed amount must be able to be defined at any T and P where
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Table 5.1: Properties of single-component adsorbed species at T and P , adapted from
Myers [2]. The tilde is used to indicate that the property is semi-extensive, because
it is defined per unit mass of sorbent.
Function

Symbol

Expression

Surface potential

Φ

Gibbs free energy

a

G̃

g
Ñ a ĝT,P

Enthalpy

H̃ a

Ñ a ĥgT,P − T

Internal energy

Ũ a

Ũ a = H̃ a

Entropy

S̃ a

H̃ a −G̃a
T

−RT

Rf

Ñ a d(ln f )

0

+Φ
Φ
2 ∂
∂T

T P

state information is required. This sounds straightforward, but it is not unusual to
find adsorption isotherm functional fits in the literature that are not temperaturedependent (i.e., that are fit to a single isotherm only). To be useful in a system model
and exergy analysis, the adsorption isotherm should be a function of both T and P :
Ñ a = Ñ a (T, P ).

(5.24)

where the tilde is used to indicate that the property is semi-extensive, because it is
defined per unit mass of sorbent.
The second criterion concerns the low-pressure behavior of the adsorption isotherm
for the calculation of Φ. Because of the nature of the integral for Φ listed in Table
1, even small errors in the low-pressure region can cause large errors in the value of
Φ. Moreover, if the functional form of the isotherm has an infinite slope at the zero
pressure limits, Φ cannot be calculated. Several commonly-used isotherm forms, such
as Freundlich and Sips, have this zero-pressure slope issue, and cannot be used to
calculate thermodynamic properties [19].
To be useful for calculating exergy, pure component isotherms forms must also
fit the experimental data’s behavior well, in particular in the low pressure region.
Langmuir, Toth, and UNILAN are all forms which can be used for this purpose,

102

CHAPTER 5. EXERGY OF THE ADSORBED PHASE

although the Langmuir form tends to fit experimental data less well in some regions
than the latter two [20].

5.3.5

Properties for adsorbed phases: mixtures

There exist various approaches for finding adsorbed mixture information from pure
species adsorption isotherms. For the calculation of exergy and any other thermodynamic information, it is critical that the chosen approach be thermodynamically
consistent—that the Gibbs-Duhem equation for adsorbed phases (Eq. 5.3) be satisfied. Along an isotherm, this equation is known as the Gibbs adsorption isotherm:
dΦ = −

NS
X

Ñia dµi

(5.25)

i=1

The Ideal Adsorbed Solution (IAS) concept developed by Myers and Prausnitz
[92] provides a thermodynamically consistent framework for treating adsorbed mixtures. We will describe it first for ideal mixtures in both the gas and adsorbed
phases, and assuming the ideal gas assumption holds for individual gas species. The
procedure consists of finding, for each species i and at a defined temperature T ,
a single-component standard-state pressure Pi∗ such that the surface potential Φ is
found to be the same if calculated for each species:
Z
Φ = −RT

P1∗

Ñ1a d(ln P )

Z
= −RT

0

P2∗

Ñ2a d(ln P )

Z
= ... = −RT

0

∗
PN
S

ÑNa S d(ln P )

0

(5.26)
The quantity Pi∗ is used to find adsorbed-phase mole fractions in the adsorbedphase analog to Raoult’s Law
P yi = Pi∗ xi {i = 1, 2, ..., N S}.

(5.27)

where yi is the mole fraction of species i in the gas phase, and xi is its mole fraction
in the adsorbed phase.
The combination of Equations 5.26 and 5.27 results in 2NS equations for 2NS +
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1 unknowns (Pi∗ ’s, xi ’s, and Φ). The final equation is given by
1=

NS
X

xi .

(5.28)

i=1

Algorithms for solving these coupled ideal-gas, ideal-mixture equations are given
by O’Brien and Myers [93], [94]. Once the standard-state vapor pressures are found,
the properties of the adsorbed-phase mixture can be calculated, including the total
amount adsorbed Ñ a,total and the thermodynamic functions:
1

=

Ñ a,total

a

û (T, P, {yi }) =

NS
X

NS
X

xi
a
Ñi (T, Pi∗ )
i=1

xi ûai (T, Pi∗ )

NS
X

=

i=1

ŝa (T, P, {yi }) =

NS
X

i=1

xi [ŝai (T, Pi∗ ) − R ln xi ] =

i=1

NS
X

"
xi

i=1

(5.29)

xi

Ũia (T, Pi∗ )
,
Ñia (T, Pi∗ )

(5.30)

#
S̃ia (T, Pi∗ )
− R ln xi . (5.31)
Ñia (T, Pi∗ )

The equations discussed so far have been written for an ideal solution in the
adsorbed phase and an ideal solution of ideal gases in the gas phase. In reality, not
all gases behave ideally. For an extension to ideal solutions of real gases, Eqs. 5.26
and 5.27 would become, respectively,
Z
Φ = −RT

f1∗

Ñ1a d(ln f )

0

Z
= −RT

f2∗

Ñ2a d(ln f )

Z
= ... = −RT

0

∗
fN
S

ÑNa S d(ln f )

0

(5.32)
where fi∗ now represents the single-component standard-state fugacity of species i at
the temperature T , and
P yi φi = fi∗ xi {i = 1, 2, ..., N S}.

(5.33)
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where φi is the fugacity coefficient of species i in the gas phase at the state defined by
the system pressure P , the system temperature T , and the gas phase mole fractions
{yi }.

Furthermore, in reality not all mixtures form an ideal solution in the adsorbed
phase, even if they are ideal mixtures in the gas phase. The measurement, prediction,
and implementation of activity coefficients for the creation of non-ideal adsorbed
solutions are discussed by [19], [24], and [25] (among others). In that case, the
modified Raoult’s Law equation would become
P yi φi = fi∗ xi γi {i = 1, 2, ..., N S}.

(5.34)

where γi is the activity coefficient of species i in the adsorbed phase.

The reason for starting from an ideal adsorbed solution, even if it does not represent all mixtures well, is that it provides the correct framework for extension to
non-ideal solutions—it is thermodynamically consistent. When activity coefficients
are measured for the gas mixtures in the system and at the dead state, they can be
incorporated into this framework. In contrast, there exist other mixing procedures
for adsorption that are not always thermodynamically consistent. A commonly used
example is the extended Langmuir isotherm
Ñia =

Ni,s Ki Pi
,
P S
1+ N
K
P
i
j
j=1

(5.35)

where Pi represents a partial pressure, and Ki and Ni,s are characteristic parameters
of the Langmuir form. This isotherm returns the amount of species i adsorbed when
other gases j are also present. It is often used due to its ease of calculation, but
unless the value of Ni,s (the monolayer capacity) is the same for all species, it is not
thermodynamically consistent [26]. If used to calculate exergy, a thermodynamically
inconsistent isotherm or mixing rule will return nonsensical results that can violate
the second law of thermodynamics.
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Definition of the dead state

The dead state is the state of mutual equilibration of a system and the environment.
When the environment is large, which is generally assumed to be the case in exergy
calculations, the dead state is the same as the environmental state. The dead state
for bulk phases is therefore generally defined by the environmental temperature To ,
pressure Po , and chemical potentials µi,o for each species i in the environment.
The same concept—that the dead state refers to the state where the system is in
equilibrium with the environment—holds true for the dead state of adsorbed phases.
However, unlike bulk phases, the intensive properties T , P , and µi , are not the relevant
parameters for setting the state of an adsorbed phase. Pressure is not an independent
state property of adsorbed phases; it is a bulk-phase property. Instead, the state of
an adsorbed phase is set by specifying the temperature T , the chemical potentials of
each species µi , and the surface potential Φ. Therefore, the dead state for adsorbed
phases is set not by To , µi,o , and Po as it is for bulk phases, but instead by To , µi,o ,
and Φo , the surface potential at the dead state.
This means that to specify the dead state for adsorption, we must know not only
the temperature of the environment and the chemical potential of each environmental
species, but also how each environmental species adsorbs. This involves understanding
both how pure environmental species adsorb as well as how their mixtures adsorb, as
explained in Sections 4.4 and 4.5.
In practice, there are very few sorbents on which the adsorption of all environmental species has been characterized. Very common sorbents, like zeolite 13X or
5A, have been more widely studied, so these data generally exist (although, due to
existing variability in sorbent nomenclature and sorbent preparation methods, data
from different publications is not always cross-compatible). However, for new or specialized sorbents, a full dead state cannot be found if adsorption data do not exist
for all environmental species. In this case, a restricted dead state (e.g. allowing the
sorbent to equilibrate with the environmental compositions of known species) may be
used, although this will give exergy values that differ from those where the full dead
state is defined.
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Adsorption of non-environmental species

In some adsorption processes, one or more of the gases being separated is a species
that does not exist in the equilibrated environment. In many cases, such species can
react to form environmental species. For example, methane in the environment will
react with oxygen to form CO2 and H2 O.
3
CH4 −→ CO2 + 2H2 O − O2
2

(5.36)

Placing the oxygen on the right-hand side is an intentional choice; it places all nonenvironmental species on the left and all environmental species on the right. We can
generalize that non-environmental species (Aj ) will be converted to environmental
species (Ai )
νj Aj −→

NS
X

νij Ai

(5.37)

i=1

where the ν’s are signed stoichiometric coefficients. Incorporating this reaction in
Eq. 10, which is the species balance for finding the total exergy of the gas-sorbentadsorbate system, leads to
δNi = dNi +

NX
N ES
j=1

νij
dNj
νj

(5.38)

This equation marks the key difference between the exergy derivation restricted to
environmental species, and the derivation allowing non-environmental species (that
can react to become environmental species). Equation 5.11 for the useful work then
becomes
δW = −dU t − Po dV t + To dS t +

NS
X
i=1

µi,o dNi +

NX
N ES
j=1

µi,o

νij
dNj − To δSgen
νj

(5.39)

where N N ES refers to the number of non-environmental species. Recognizing that
t
Nj,o
= 0 by the definition of a non-environmental species, Eq. 13 for the exergy of
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the total system becomes
t

X =

t
(Usys

−

Uot )

+

t
Po (Vsys

−

Vot )

−

t
To (Ssys

−

Sot )

−

NS
X

t
µi,o (Ni,sys

−

t
)
Ni,o

i=1

−

NX
N ES

µi,o

j=1

(5.40)
Finally, the exergy of an adsorbed phase that includes non-environmental species is
given by

a

X =

a
Usys

−

a
To Ssys

−

NS
X

a
νi,o Ni,sys

i=1

−

NX
N ES
j=1

(5.41)
νij a
− Φo ms .
µi,o Nj,sys
νj

for non-environmental species that can react to form environmental species. The
extension to species that cannot react to form environmental species (mercury, for
example) is possible but not treated here.

5.4

Exergy analysis of the adsorption column

The goal of developing the set of property relations described in this chapter was to
enable the exergy analysis of an unsteady adsorption process. For example, this would
be used to analyze the column from the VSA system in Chapter 4 during one of the
four unsteady steps in the adsorption cycle (pressurization, adsorption, blowdown,
and evacuation).
To this end, a set of re-usable property methods were written in Matlab for the
thermodynamic properties of adsorbed phases, based on the adsorption isotherms
for CO2 and N2 used in Haghpanah et al. [86], and using the Cantera open-source
Matlab package for ideal gas properties [111]. These property methods are included
in Appendix D.

νij t
.
N
νj j,sys
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Solving for the state of an adsorbed phase in a process model
In order to calculate the thermodynamic properties of an adsorbed phase, we must
know its state fully. Thus far, we have been able to define its state relative to an
ideal gas with which it is in equilibrium. However, in real adsorption processes, the
adsorbed phase is rarely in equilibrium with the bulk gas phase in the column. Therefore, care must be taken when analyzing these systems to define the state properly.
In Section 5.3.5, we saw that calculating the surface potential Φ is key to knowing
the state of the adsorbed phase. The set of equations to be solved for finding Φ were
listed, along with references to algorithms for their solution, based on knowing the
composition and temperature of the gas phase with which the adsorbed phase was to
be equilibrated. These equations then returned the adsorbed phase composition. If
the composition and temperature of the adsorbed phase are known instead, the state
must be set by solving for Φ based on these properties instead (in essence, the reverse
problem to that given in Section 5.3.5). An algorithm for solving for the state of the
adsorbed phase, based on the sorbent loading, is given by O’Brien & Myers [94], and
sample code for solving this problem is given in Appendix D.

5.4.1

Example application

A simple model problem was created to test the validity of the Matlab property
methods written with this work. A “button-cell” approach to an adsorption column
was used, where a button-cell represents a volume element in which the gas phase
undergoes instantaneous mixing. Several button-cells are strung together to create a
simple model for an adsorption column. The column is not represented by a set of
partial differential equations to be solved by a set of numerical methods, but instead
by a sequence of mixing, equilibration, and transfer steps written explicitly by the
user and repeated for each new button-cell and for each new time step.
The advantage of this approach is its ease of tracking fluxes of matter and energy
in the column on an element-per-element basis. It is thus well-suited to debugging,
as each button-cell can be observed separately from the rest of the column, and
conservation laws can be checked rigorously. The disadvantage of this approach is
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that we will not necessarily be able to model more complex or stiff processes, such as
an adsorption process with moving concentration fronts.
Each button-cell in this example is 10 mm in height, 5 mm in depth, and 1 mm
in length, where the length is the dimension in the flow direction. One hundred
button-cells are connected in series, resulting in an overall column length of 100
mm. Each cell has 50% of its volume available for gas to flow, and 50% filled with
zeolite 13X sorbent. The column is held to be isobaric and isothermal, but the gas
entering the column does not have to be at the same temperature as the column.
The column is therefore cooled or heated as needed to preserve isothermal conditions
during adsorption and desorption processes.
Each cell begins with an initial amount of substance in both the gas phase and
in the adsorbed phase. They are set independently and are therefore not typically in
equilibrium with each other. In this example, the cells were filled with only N2 (no
CO2 ) to mimic the initial state in the adsorption system in Chapter 4. Each cell is
held at 1.01325 bar and 303.15 K during the entire process. The gas phase is assumed
to be an ideal gas, and its properties are found using the Cantera package for Matlab
[111].
The transfer of matter from the gas phase to the adsorbed phase (and vice versa)
is assumed to be governed by a diffusion process, with a diffusion constant equal to
the binary diffusivity of the gas mixture (as found using the correlation given in Bird,
Stewart, and Lightfoot [112]), across a gas diffusion layer of thickness 1 mm.
At the beginning of a time step, the flux between the gas and adsorbed phases
is calculated based on Fick’s law. Meanwhile, gas is introduced into the button cell.
These are two transfers into or out of the cell. The gas phase in the cell is assumed
to mix instantaneously, which means that the gas phase mole fractions in the cell are
recalculated from these two transfers over the specified time step. Then, the transfer
out of the current cell and into the next one is calculated by imposing that the cell
must remain isobaric.
The gas introduced into the first cell of the column is fed at 0.5 m/s, is composed
of 15% CO2 and 85% N2 by mole, and is at 313.75 K. The adsorption process is
modeled to run for 100 s, with time steps of 0.1 s.
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Figure 5.3: Exergy destruction, as calculated two different ways, in the first cell in
the column, the cell at the midpoint, and the last cell in the column.
As seen in Figure 5.3, the exergy destruction can be calculated using the set of
property methods developed from this chapter. The fact that exergy destruction
has the same value when calculated in two independent ways (by calculating Xdest
explicitly or by calculating To Sgen ) lends credibility to these methods.

5.4.2

Applicability to complex column models

When the property methods used in Section 5.4.1 were used to perform an exergy
analysis of the column modeled in Chapter 4 (a complex model with a WENO scheme
in space and Matlab’s ode23s in time), the results were unphysical. Specifically, when
attempting to calculate the exergy destroyed during each of the four unsteady steps in
the column (pressurization, adsorption, blowdown, evacuation), the resulting quantity
was negative in two of the four steps (blowdown, evacuation). This is obviously
incorrect, as it violates the second law of thermodynamics.
Despite many varied and repeated attempts, this unphysical behavior was not
able to be reproduced in any other test case of the property methods. This includes
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the test case shown above in Section 5.4.1, but also many other test cases involving
adsorption and desorption, as well as equilibrium and non-equilibrium conditions
between the gas and adsorbed phases. In other words, the second law was always
obeyed in all other uses of these property methods.
It is possible that there remains an incompatibility between a modeling decision
in the column model in Chapter 4, and in the ability to perform an exergy analysis.
If so, that incompatibility has not yet been identified, and is left to a future study.
However, some other important points have emerged from this search. First, because
exergy destruction and entropy generation are closure terms on a balance equation,
these quantities are very sensitive to any lack of closure in mass and energy balances.
In models that rely on numerical solutions to partial differential equations, such as
the column modeled in Chapter 4, this can sometimes be an issue. Second, for
exergy analyses of adsorption systems, it is imperative to represent the adsorption
in a thermodynamically consistent way (e.g., by using the Ideal Adsorbed Solution
model [92]). Otherwise, the state cannot be precisely defined, and its properties
cannot be calculated.

5.5

Summary

In this chapter we show the derivation, from basic principles, of the exergy of an
adsorbed phase in order to enable the exergy analysis of unsteady adsorption steps in
adsorption columns. The final result is given by Eq. 5.23 for cases where the adsorbed
species exist in the environment, and by Eq. 5.41 for cases where they do not (but
can react to form environmental species). During the derivation, no assumptions
were made about the system’s behavior, except for the validity of the Gibbs dividing
surface concept to represent the adsorbed phase and the non-reactivity of the adsorbed
species with the surface (and with each other). This expression can therefore be used
in any adsorption process where these assumptions hold, to track the exergy and find
the locations of its destruction.
After arriving at the expression for the adsorbed-phase exergy, the restrictions
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for adsorbed-phase equations of state and mixing rules were discussed. Pure component adsorption isotherms must have a zero-pressure slope that is finite in order
to be able to calculate the surface potential. Forming mixtures must be done in a
thermodynamically consistent way, either using the Ideal Adsorbed Solution theory
directly, or using it as a framework for thermodynamically-consistent activity coefficients. The information necessary to define the dead state was discussed. Although
this is a derivation that was used here in the context of carbon capture systems, it
is generally applicable to any adsorbed phase for which the Gibbs dividing surface
definition applies.
Finally, the implementation into usable code form (in Matlab) of the theoretical
derivations from this chapter is discussed. A simple example problem is presented to
show the usability of the code, and existing limitations on expanding the analysis to
more complex models is discussed.

Chapter 6
CO2 Separation Using a Novel
Oxyfuel Concept
This chapter introduces and analyzes a new type of natural gas burning power plant
that can satisfy two criteria: (1) capturing 100% (or near 100%) of the CO2 produced, while (2) keeping a high efficiency given this constraint. The proposed system
uses a supercritical water oxyfuel combustor—combusting natural gas and oxygen
in a supercritical water moderator—to produce the working fluid for the turbines.
This builds on work done by Heberle [113] and Mobley [114], [115] concerning the
theoretical and experimental analysis of oxyfuel combustion in supercritical water for
electricity generation. In the current work, the product stream is expanded postcombustor through several turbine stages, condensed, and the remaining liquid water
is pumped back up to the operating pressure. In this way, the system bears similarities to a Rankine cycle which is internally, rather than externally, fired. We have
thus named it SuperCritical Auto-Thermal Rankine (SCATR).
Over the operation of the cycle, CO2 is automatically separated from the water—
at no additional energy penalty—by phase separation in the condenser. This allows
for compression of the CO2 produced to pipeline pressure for storage, fulfilling the
first criterion of low atmospheric emissions. In this paper, a complete thermodynamic
model of SCATR is used to find the overall efficiency of the system, including CO2
compression. We show that high efficiencies are possible, thus fulfilling our second
113
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criterion. An exergy breakdown and sensitivity analysis provide insight into the
irreversibilities in the system, and the limits of the possible efficiency improvements.

6.1
6.1.1

Background
Motivation in the context of CO2 capture

The two systems studied in the preceding chapters were both post-combustion CO2
capture systems. Both had low exergy efficiencies, and would therefore incur large
energy penalties on the power plant. While one approach to improving this reality
is to identify inefficiencies in the capture system and eliminate them to the extent
possible, there are only limited ways in which additional efficiency gains can be made
through system integration with the rest of the plant.
An alternative approach is to re-think the entire concept for the power plant
in such a way that the CO2 separation becomes an intrinsic part of the cycle, and
that much greater flexibility is given for exergy integration of different parts of the
plant. Moreover, if the traditional-combustion approach to electricity generation is
abandoned, the efficiency has the potential to be increased, by reducing the exergy
destruction inherent in combustion processes. Both of these approaches are taken
here in the development of a new concept for an electricity-generating cycle.
Relative to the amine absorption and the vacuum-swing adsorption systems considered earlier, this system is at a low level of technological maturity. This is an
exploratory concept, with the goal of identifying efficiency gains that could be made
by the development of this alternative strategy.

6.1.2

Survey of similar systems

In oxyfuel systems, natural gas or syngas is burned in a stream of highly enriched
(>95%) oxygen, resulting in combustion products that are primarily CO2 and water.
The water is condensed, leaving a stream of high-purity CO2 for industrial uses,
enhanced oil recovery, or for storage—hence oxyfuel systems’ main advantage over
other carbon capture systems is their ability to separate CO2 without introducing a
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more complex post-combustion separation unit. Since the selective extraction of CO2
from other gases has only limited efficacy past a certain level of CO2 depletion from
the flue gas, oxyfuel systems can also achieve 100% capture more easily than many
other systems.
The energy penalty paid in oxyfuel systems is on the pre-combustion side, as
they must necessarily include a system to enrich oxygen from air. This can be done
via cryogenic air separation units (ASUs), or via ion transport membranes (ITMs).
At this time, cryogenic ASUs, as mature technologies, are well understood and well
optimized. By contrast, ITMs are still the focus of active research and are not yet
scalable to support a power plant [116]. For the system presented in this paper, a
cryogenic ASU was chosen in order to focus solely on the development of the power
system, assuming a guaranteed source of enriched oxygen.
In an oxyfuel system, an inert moderating species is necessary to keep the combustion temperature below acceptable materials limits. (This role is usually filled by
nitrogen when air is used as the oxidizer.) There has been a significant research effort
towards using CO2 and/or water as the combustion moderator in advanced carbon
capture cycles. A representative selection of these cycles are listed in Table 6.1 and
described here. For a more detailed overview of these and other cycles, please see
review papers published by Kvamsdal [42] and Habib [117], as well as the second
chapter of the book “Zero Emissions Power Cycles” by Yantovsky [118]. All of the
systems listed in Table 6.1 include the capture of CO2 and its subsequent compression
to 100-300 bar, and air separation.
In 1995, Mathieu and Nihart introduced the MATIANT cycle, in which the moderator is CO2 [120], [126]. This system is essentially a CO2 -Rankine system followed by
a CO2 -moderated Brayton system. The CO2 begins as a liquid, is compressed to high
pressure (300 bar), heated by a recuperator, and expanded to an intermediate pressure of 40 bar. At this point, it is used as the moderator in the two-stage combustion
of natural gas in oxygen. A variant, the E-MATIANT cycle, is a slightly simplified
version in which the initial recuperative heating is done on pressurized gaseous CO2 ,
instead of liquid CO2 (the Rankine portion having thus been eliminated) [119].
The Graz cycle is also one that has been studied in several incarnations [127], [128],
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Table 6.1: Overview of systems similar to SCATR in the literature.
System name

Fuel

Moderator

Matiant [119]
E-Matiant [120]
S-Graz [121]
Gou-1 [122]
Gou-2 [122]
CES-1 [123]
CES-2 [124]
SCOC-CC [121], [125]

CH4
CH4
CH4
CH4
CH4
CH4
Coal
CH4

CO2
H2 O
H2 O
H2 O
H2 O
H2 O
H2 O
CO2

Tpeak [K]
(P at Tpeak )
1573 (40 bar)
1573 (110 bar)
1673 (40 bar)
1573 (40 bar)
1573 (40 bar)
1478 (13.8 bar)
1700 (17.2 bar)
1673 (40 bar)

Ppeak [bar]
η
(T at Ppeak ) [% LHV]
300 (873 K)
43-44
110 (1573 K)
45-47
180 (823 K)
53.1
189.5 (815 K)
47.1
189.5 (817 K)
50.6
124 (1070 K)
46.5
102 (1090 K)
39
120 (833 K)
49.8

[121]. Its most recent configuration, sometimes called the S-Graz cycle, is listed in
Table 6.1. This system combusts methane in oxygen at 40 bar, with a moderator that
is primarily steam. After expansion, the remaining enthalpy of the products is used
to vaporize high-pressure (180 bar) water in an HRSG. This steam, once expanded
through a turbine, is injected into the combustor along with some re-compressed
combustion products to serve as moderator [121].
Gou et al. introduced two new variations on the water-moderated oxyfuel system
in a 2006 paper: we refer to them as Gou-1 and Gou-2 [122]. Gou-1 has three pressure
levels of expansion. The highest pressure (190 bar) is reached by steam only, which is
expanded to 40 bar, at which point it becomes the moderator for the two-stage oxycombustion of methane (the second stage happening at 2 bar). After final expansion
of the products, the remaining enthalpy is used to heat the feedwater in an HRSG,
and the water in the products is condensed and recycled.
Gou-2 is similar to Gou-1. The notable differences relate to the water flows. In
Gou-2, all of the water is pumped to 190 bar, while in Gou-1 just over 60% of the water
was pumped beyond 44 bar, the rest being injected directly into the intermediatepressure combustor. Additionally, in Gou-2 some of the products are sent directly
into the low-pressure combustor after the HRSG, so that only 64% of the products
are sent into the condenser.
Clean Energy Systems (CES), a California-based company, developed a watermoderated oxyfuel combustion system that could use gasified coal [124] or natural
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gas [123]. In both cases, water is pumped to a high pressure (124 bar for the methane
system, 102 bar for the coal) and preheated by a recuperator. It is used as the moderator in a first combustion stage. After expansion of the products to an intermediate
pressure (14 bar for methane, 17 for coal), more fuel and oxygen are injected for a
second combustion stage. The coal system has a third combustion stage at 3 bar.
In both systems, the enthalpy of the fully expanded products is used to preheat the
feedwater, before sending the products to a condenser.

The Semi-Closed Oxy-Combustion Combined Cycle [125], [122] (SCOC-CC, also
found in the literature as SCCC-CC for Semi-Closed Combined Cycle with Carbon
Capture) is another advanced oxyfuel system worthy of mention due to its support
from ENCAP, the European ENhanced CO2 CAPture program. SCOC-CC can be
thought of as a standard combined cycle with a few significant differences. The
combustor in the Brayton cycle receives methane and oxygen, along with dry CO2
recycled from the products stream. The remaining dry CO2 is sent to storage.

All of the water-moderated cycles described operate below the critical point of
water (Pcrit = 221 bar, Tcrit = 647 K); when high pressures are reached, the temperatures are kept low, and vice versa. With SCATR, we explore the use of supercritical
water as the combustion moderating species. In addition to the intellectual motivation of studying a yet-unexplored space, we have technical reasons for pursuing this
avenue of research. First, oxygen and hydrocarbon fuels are highly miscible in water
in its supercritical phase [129], which makes it an appropriate medium for combustion. With this fact in mind, a laboratory-scale (50 kW), continuous-flow combustor
has been built at Stanford University to characterize the combustion process in supercritical water at conditions similar to SCATR’s. Initial results have shown successful
combustion of methanol in this environment [113]. Mobley et al. analyzed a system
that used the products of supercritical water oxidation to power a helium Brayton
cycle via heat exchanger [114], [115]. With SCATR, we propose instead to study the
use of the combustion products directly as a working fluid for a power system.
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Figure 6.1: Schematic of the SCATR system. The inputs are a stoichiometric ratio
of CH4 and air at atmospheric conditions. The outputs are water at atmospheric
conditions and CO2 at 150 bar. Note that the condenser/CO2 -compressor subsystem
is shown in detail in Figure 6.2.
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Figure 6.2: Schematic of the condenser/CO2 -compressor subsystem of the SCATR
system. The outputs are water at atmospheric conditions and CO2 at 150 bar. The
numbered diamonds (14, 15, 16, 17, 42, 43, and 44) correspond to the stream numbers
in Figure 6.1.

6.2

Design and modeling decisions

The design of the SCATR plant is shown in Figure 6.1 and Figure 6.2. It is a
simple-cycle system that generates work through a multi-stage turbine expansion,
with a peak pressure of 500 bar. The fuel used is methane. The oxidizer used is
a stoichiometric amount of oxygen at 95% purity from a liquid oxygen ASU. The
moderator for combustion is supercritical water. The CO2 is separated from this
stream in a deaerating condenser. The condenser produces a stream of water to
recycle through the plant and a separate stream of CO2 at a pressure that meets
pipeline specifications [130]. Because water is a combustion product, some water is
also rejected as waste from the plant. By extracting some of the hot fluid from the
turbines and injecting into a series of feedwater heaters, the water recycled through
the plant is brought to supercritical temperatures before it reaches the combustor.
Each subsection of the plant is presented in more detail below. All states as labeled in
Figure 6.1 and Figure 6.2 will be referenced with the designation S-# (for State-#).
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6.2.1

Modeling thermodynamic properties

The primary fluid of interest in SCATR is a mixture of carbon dioxide and water (with
some impurities, primarily argon and nitrogen), as produced by the combustion of
methane in oxygen. The pressures reached in SCATR range from 4.5 kPa to 500
bar, and the temperatures range from 298.15 K to 1800 K. These states cover three
phases: liquid, vapor, and supercritical. Because of the large differences in polarity
and critical points for carbon dioxide and water (CO2 : Tcrit = 304.1 K, Pcrit = 73.8
bar; H2 O: Tcrit = 647 K, Pcrit = 221 bar), the mixture is far from ideal, and the
representation of its properties needs to be given careful consideration.
The state-of-the-art representation of the CO2 -H2 O mixture was developed by
Paulus and Penoncello in 2006 [131]. They built a multi-component fundamental relation explicit in Helmholtz free energy (a), with inputs of temperature (T ), density(ρ),
and overall composition (z). In the superheated vapor and supercritical fluid regions,
this model is based on a linear combination of the fundamental relations for CO2 and
H2 O, with an added excess function to account for non-ideal mixing. The pure fluid
fundamental relation for water was developed by Pruss and Wagner [132], and the
one for CO2 was developed by Span and Wagner [133]. Paulus and Penoncello then
compiled experimental data that spanned temperatures of 323-1074 K, pressures up
to 100 MPa, and the entire composition range. These data were used to develop the
excess function, thus completing the mixture model.
Due to limited availability of vapor-liquid equilibrium (VLE) data, and lack of
availability of subcooled liquid data, Paulus and Penoncello did not extend the
Helmholtz-based model past the dew line. Instead, the pressure, specific volume,
temperature, and composition (or P vT x) at the dew and bubble lines was found in
Paulus and Penoncello’s model using a Peng-Robinson cubic equation of state [134],
using a binary interaction parameter of kij = 0.065 as derived from experimental
data. The Paulus-Penoncello fundamental relation does not return any information
for states in the two-phase or liquid region.
Paulus and Penoncello’s fundamental relation is applicable to the saturated and
superheated vapor phases, for pressures up to 100 MPa, and over the entire composition range. Moreover, the model is valid for finding the P vT x values of the bubble
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and dew lines over this space. This makes it by far the most complete model currently
available for the mixture of CO2 and water. It also has a high degree of accuracy over
this range. The uncertainty in the calculated properties for the vapor phase is stated
to be ±0.1% for the density, ±2% for the second virial coefficient, and ±3% for the
excess enthalpy [131].
However, the Paulus-Penoncello fundamental relation cannot be used for all parts
of the SCATR system. For the purposes of being able to integrate several different
property models, as well as for its computational speed, Aspen Plus (7.1) was used
to model the SCATR system. When selecting a property model in Aspen Plus, the
accuracy and large range of Paulus and Penoncello’s model make it a useful resource
to use as a gauge of other property models’ applicability to a CO2 -H2 O mixture.
Aspen does not include Paulus and Penoncello’s mixture model for CO2 and water
in its choice of property models. We can, however, use the information from Paulus
and Penoncello to choose an alternate property method. Paulus and Penoncello
chose a Peng-Robinson equation of state to represent the VLE data in their model,
and derived a binary interaction coefficient from a regression of collected experimental
data. Based on this and on the justification in Figure 6.3, we also use a Peng-Robinson
equation of state as implemented in Aspen Plus, while using Paulus and Penoncello’s
binary interaction parameter of kij = 0.065. This was implemented using the PR-BM
property method in Aspen Plus, where PR stands for Peng-Robinson and BM refers
to the Boston-Mathias extrapolation for high temperature gases.
Figure 6.3 shows the comparison of the saturated- and superheated-vapor side of
the space, solved using the Paulus and Penoncello fundamental relation (implemented
in Matlab) and the Peng-Robinson equation of state (in Aspen Plus). This is shown
for a composition of 0.1 mole fraction of CO2 and 0.9 mole fraction of H2 O, as this
is an important composition for SCATR. As can be seen in this figure, the use of the
Peng-Robinson equation of state is justified in the majority of the space shown. The
key question is to ask whether it is justified at the states reached in SCATR, especially
given that the region around the critical point is usually not well matched by PengRobinson. In Figure 6.4, we show the states for the matter transfers—the inlet and
outlet states—of each process unit in SCATR. Although the near-critical region is
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Figure 6.3: Comparison of the saturated- and superheated-vapor space using Paulus
Penoncello’s fundamental relation, and using the PR-BM method in Aspen Plus.
This is shown for a mixture with 0.1 mole fraction CO2 and 0.9 mole fraction H2 O.
Note that the entropy values do not directly follow the s = 0 J/kg-K at T = 0 K
requirement of the 3rd Law of thermodynamics. This is because Aspen Plus sets the
relative entropy to be zero at a given reference state, and instead fulfills the 3rd Law
requirement by adding the absolute entropy of these reference states when necessary
(in particular, for chemical reactions).
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certainly approached (and would be traversed inside of a device), the transfers are
far enough from the critical point to justify the use of Peng-Robinson for this model.
We must also consider the liquid side of the space. Using a two-parameter cubic
equation of state like Peng-Robinson to represent the entire property space of a fluid,
including liquid, vapor, and the critical point, is not generally the most accurate
approach. This is due to mathematical constraints on the cubic form: The actual
behavior of an isotherm in P -v space (which is what a cubic equation of state aims to
represent) would follow higher-order odd functions more closely than a simple cubic.
Therefore, by using a two-parameter cubic equation of state, a gain in accuracy in
one or two areas (where the areas under consideration are the liquid region, vapor
region, and critical point) necessarily results in the loss of accuracy in others.
Cubics, however, are much easier to handle mathematically than higher-order
equations, and thus have historically been in common use. Certain cubic equations
of states are better at representing different areas: Peng-Robinson, for example, is
particularly good at VLE, and specifically at achieving better estimates of the specific volume of the liquid phase given its specified gaseous complementary phase [135].
When using a “cubic equation-of-state based property model” however, Aspen Plus
does not actually make sole use of a cubic, because of these known limitations. Instead, when the user chooses a property model named for a cubic equation of state,
Aspen Plus applies the cubic directly only to the vapor and supercritical phases [63].
For the liquid side, it finds the specific volume using the Rackett equation of state—an
empirically derived equation that finds the specific volume for a liquid as a function
of reduced temperature Tr and critical compressibility factor Zcrit [136]. Finally, for
pure or near-pure water, a set of steam tables (the NBS tables in this case) are used.

6.2.2

Air separation unit

The ASU for this plant produces liquid oxygen using a two-column distillation system.
The choice of producing liquid oxygen instead of gaseous oxygen in this plant is
explained by the high operating pressure of the combustor. Although the initial
production of liquid oxygen is more energy-intensive than the production of gaseous
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Figure 6.4: T -s diagram for the SCATR system operated at TIT = 1600 K, CIT = 750
K. The process path is shown by black dashed lines, with numeric labels corresponding
to the state numbers in Figure 6.1. Two vapor domes are shown in blue. The complete
(vapor and liquid) dome is shown for pure water, and the vapor side of the dome only
is shown for a composition of 91%mol H2 O, 9%mol CO2 (representing the working
fluid). Isobars for the 91%mol H2 O mixture are shown in red for (starting at bottom):
1 kPa, 10 kPa, 1 bar, 10 bar, 40 bar, 55 bar, 75 bar, 100 bar, 175 bar, 250 bar, and
500 bar.
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oxygen, the energy penalty required to subsequently compress gaseous oxygen to
500 bar is larger than the penalty to pump liquid oxygen to the same pressure.
Consequently, at 1.385 MJ/kg-O2 , our liquid oxygen ASU’s work requirement is in the
range of values published by the IPCC for state-of-the-art, gaseous-oxygen producing
air separators [116], if the gaseous products of the IPCCs ASUs were subsequently
compressed to 500 bar. The specifics of the operation of the ASU are described in
greater detail by Mobley et al. [114]. The composition of the enriched oxygen product
from this ASU is, by mole, 95.0% O2 , 1.2% N2 , 3.8% Ar.

6.2.3

Combustor

Following the schematic in Figure 6.1, there are three inlets to the combustor: methane
compressed to the combustor pressure of 500 bar (S-2), a stoichiometric amount of
liquid oxygen at the same pressure from the ASU (S-4), and supercritical water (S-32).
The water flow rate entering the combustor is adjusted to ensure that the combustion products exit the burner at a chosen turbine inlet temperature, which was varied
over the range of 1450–1800 K. In Figure 6.1, S-6 refers to the unreacted mixed state
(mixing the combustor inlet streams and allowing thermomechanical equilibration,
but not chemical), while S-7 refers to the reacted products state.
The combustor is modeled here as a single, adiabatic component with a pressure
drop of 5%, or 25 bar. The details of the combustor’s internal design are not necessary
for our purposes, since thermodynamically the products of combustion only depend
on the inlet stream to the combustor and the operating conditions. The combustion
products (S-7) are found using Gibbs free energy minimization allowing for minor
combustion species. The composition of the products stream is shown in Table 6.2
for a specific set of operating conditions (turbine inlet temperature, or TIT, of 1600
K, and combustor inlet temperature, or CIT, of 750 K) to illustrate that this stream is
composed largely of water, underscoring our reference to SCATR as a type of Rankine
system.
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Table 6.2: Composition of the working fluid exiting the combustor, for all species
with mole fractions greater than 10−9 .
Species
H2 O
CO2
Ar
N2
CO
H2
O2
NO

6.2.4

Mole Fraction (%)
90.63
8.431
0.669
0.202
1.605-2
5.582-2
1.984-5
1.036-5

Multi-stage expansion

After the combustor, the products (S-7) are expanded through seven turbine stages.
After each turbine stage, part of the flow is extracted to preheat the recycled feedwater. Extractions are taken at pressures of 250 bar (S-8), 175 bar (S-9), 100 bar
(S-10), 75 bar (S-11), 55 bar (S-12), and 40 bar (S-13). These pressures were chosen
to facilitate the feedwater heating, as discussed below. The pressure of the final stage,
as in a standard Rankine system, is set by the pressure of the condenser, which is 4.5
kPa assuming cooling water is available to bring the condenser temperature to 298.15
K (25◦ C). All turbines were treated as adiabatic with polytropic efficiencies of 90%.

6.2.5

Condenser and CO2 separator

The condenser and CO2 separator in SCATR are interconnected processes, and cannot
be described independently. This is due to the nature of oxyfuel systems: Their advantage over other carbon capture systems is that, by having combustion products that
are primarily water and CO2 , the highly non-condensable CO2 can be separated from
the products stream directly by condensing the water. In SCATR specifically, this
advantage goes a step further. Because SCATR is a Rankine-type system, through
which liquid water must cycle, the condensation is an intrinsic (and integral) part of
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the power-generation system. This is different from typical coal- or gas-based oxyfuel
systems, where the condenser must be added as a separate CO2 -separation module
without serving a purpose in the power generation.
The schematic for the condenser/separator process is shown in Figure 6.2. This
unit will also be referred to by the acronym CPU, for CO2 Purification Unit. In
Figure 6.2, the fully expanded products stream (S-1c) exits the last turbine stage and
enters the first condenser stage. At each of the condenser stages, which are cooled to
25◦ C, the liquid water is separated and brought to atmospheric pressure (either by
pumping—in the first condenser stage, or by throttling—in the later, higher pressure
condenser stages). Some fraction of this water is recycled through the plant (S-17c),
while a smaller fraction is released as waste from the plant (S-18c). The fraction
of the total condensed water recycled through the plant depends on the combustor
operating point, but varies between 80-85%.
After each condenser stage, the remaining CO2 -rich vapor is gradually compressed
and further purified. Compression to 40 bar is achieved via intercooled, two-stage
compression (compressors C1c and C2c on Figure 6.2). The intercooling is achieved
by using the cold, recycled feedwater (S-18 on Figure 6.1) to cool the intermediate
pressure stream (S-3c on Figure 6.2, or equivalently S-43 on Figure 6.1). This allows
the vapor to return to the condenser (S-4c on Figure 6.2, or S-44 on Figure 6.1) at
a colder temperature for compression, while also helping to preheat the feedwater.
After compression to 40 bar, the vapor (S-5c) is mixed with stream S-6c (equivalently
S-42 on Figure 6.1), which is also a CO2 -enriched stream at 40 bar. The mixed stream
is taken through a second condenser stage, and then compressed to 55 bar for a third
and final condensation stage. The resulting CO2 -rich gas (S-9c) has now reached
CO2 pipeline specifications for water content (500 ppm). It is finally compressed
to a pipeline pressure of 150 bar by a two-stage intercooled compressor (C4c), so
that a pipeline-ready stream of CO2 (S-10c) is released from the plant. All pumps
and compressor stages were treated as adiabatic (with the exception of intercooling
between stages), with a polytropic efficiency of 90%.
It should be noted that, while all other minor species (CO, O2 , NOx , etc.) in
the CO2 stream meet pipeline specifications, the mole fraction of argon that remains
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(originally from the ASU) is higher at 7.2% than the specified limit of 4% for noncondensable gases. One possible solution is to add a side column to the cryogenic ASU,
which, while more cost-intensive, would have minimal effect on the plant efficiency.
Argon, a valuable product, could be sold to offset some of these costs. Alternately,
this could be remedied by adding a cryogenic CO2 condenser system after the water
condenser. Several such systems have been modeled and analyzed by Posch and
Haider [137], with results showing that their proposed CPU has a work requirement
that is directly comparable to SCATR’s existing condenser/compressor unit (0.61
MJ/kg-CO2 for SCATR, and a range of 0.52-0.70 MJ/kg-CO2 for Posch and Haider’s
systems). Therefore, adding this functionality would have no effect on SCATR’s
efficiency. Similarly, the waste water that flows out of SCATR’s condenser still has
some trace CO2 dissolved in it (310 ppm). This value would be relevant while siting
the plant, as the effluent should not be routed into an area where this concentration
of CO2 would cause problems to the local ecosystem.

6.2.6

Feedwater heating

The recycled feedwater leaving the condenser (S-17) goes through a series of preheating and pumping stages that mirror the turbine expansion stages. The goal of these
devices is to bring the feedwater to supercritical conditions, in both temperature and
pressure, before it is injected into the combustor. The preheating is achieved by one
closed feedwater heater (CFWH), followed by six open feedwater heaters (OFWH),
with a pumping stage between each preheating stage. All pumps and compressors
were treated as adiabatic, with polytropic efficiencies of 90%.
In the OFWHs, hot combustion products extracted from the end of each turbine
stage are mixed with the feedwater. For the final (hottest) stage of feedwater heating,
OFWH 6, the resulting mixture is in a single, supercritical phase. However, the lower
pressure stages of feedwater heating (OFWH 1-5) result in a two-phase mixture, with
CO2 and other non-condensable combustion products primarily in the vapor stream.
To ensure that only liquid is sent through the pumps, these phases are separated. The
vapor stream is throttled and, because it still has significant enthalpy, it is cascaded
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to mix in the feedwater stage at the next lowest pressure.
The mass flow extracted from each turbine stage and injected into each OFWH
was determined based on a target state for the vapor vented from the OFWH. For
OFWH 5, that target was a mole fraction of 10% CO2 in the vented vapor (which
corresponds to a vapor fraction of 0.5-3% for that feedwater heater, depending on
the specific case of SCATR being modeled). For OFWHs 1-4, that target was a mole
fraction of 15% CO2 in the vented vapor (which corresponds to a vapor fraction of 15% for these OFWHs). The turbine extractions therefore serve to heat the feedwater
to saturation, and then to separate the non-condensable gases.
Before the OFWHs, a significant amount of feedwater heating is done by a closed
feedwater heater (CFWH). There are two hot streams: the final stage of cascaded
vapor vented from OFWH 1 (S-41), and the CO2 -rich stream sent from the condenser
for intercooling (S-43, see Section 6.2.5). These were both used to pre-heat the cold
stream (the feedwater). The heat exchange between these three streams was modeled
using the MHEATX block in Aspen Plus. This block allows a good integration of
multiple hot and cold streams, by performing an internal pinch analysis in a counterflow heat exchanger to best match the combination of available hot and cold streams.
The optimized operation of this heat exchanger, with an imposed 10 K minimum
approach temperature, can be seen in a T -h diagram in Figure 6.5. The hot side
plotted on this figure is a composite of both hot streams. A 5% pressure drop was
included for each of the three streams in the CFWH.
The purpose of this series of feedwater heaters and pumps is, as stated earlier,
to bring the feedwater to a supercritical state before injection into the combustor.
Therefore, as long as the critical point is surpassed, the feedwater heaters could theoretically be used to preheat the water even further. Raising the final preheating
temperature (the temperature of S-32) will have the effect of raising the combustor
inlet temperature (the temperature of S-6), thus changing the operation of the combustor. The combustor inlet temperature was allowed to vary over the range 700-950
K by changing the final preheating temperature.
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Temperature profile in the CFWH, for TIT = 1600 K and CIT = 750 K
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Figure 6.5: Temperature profile in the closed feedwater heater for the SCATR system
operated at TIT = 1600 K and CIT = 750 K. The “composite” label for the hot side
refers to the fact that two hot streams are used to pre-heat the feedwater. These
two streams are combined via an internal pinch analysis in the Aspen Plus block
MHEATX. A 10 K minimum approach temperature was set.
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Results and discussion

Depending on its operating point, the SCATR system was found to have efficiencies
ranging from 43.8% to 46.9% relative to the exergy of methane. This corresponds
to a range of 45.4% to 48.6% on an LHV basis, or 40.9% to 43.8% on an HHV
basis. All values include losses due to air separation, as well as CO2 capture and
compression. An exergy analysis was used to identify the remaining potential for
system improvement. The general performance of SCATR at a fixed operating point
will be discussed first, followed by an investigation of the effect of varying process
conditions on the system efficiency.

6.3.1

Specific case: CIT = 750 K, TIT = 1600 K

All results in this section are relevant to the SCATR system operated with a combustor inlet temperature of 750 K and a turbine inlet temperature of 1600 K. Both of
these values are in the ranges of temperatures considered for the sensitivity analysis
in the next sub-section. At this operating point, SCATR has an exergy efficiency of
45.2%. A power flow of SCATR is shown in Table 6.4 for a 500 MW power plant.
The thermodynamic states reached are shown on a T -s diagram in Figure 6.4, as well
as in tabular form in Table 6.3. The breakdown of the fuel exergy use is shown, in
bar graph form, in Figure 6.6.
As seen in Table 6.4, there are four main tasks for which power is supplied to
the system: air separation, fuel compression, feedwater pressurization, and CO2 compression. The feedwater pressurization process is separated into two parts: the liquid
pumping that is done between feedwater heating stages, and the final compression
stage to the combustor pressure of 500 bar. Whereas liquid water is largely incompressible, the water during the final pressurizing stage has already been pumped to
a supercritical pressure of 250 bar, and has subsequently been preheated to a supercritical temperature of 683 K. Supercritical water, while showing less variability
in specific volume than water vapor, is much more compressible than liquids. This
variability results in the notable difference between the power required for pumping
the feedwater to 250 bar and that required for the final compression to 500 bar.
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Table 6.3: Thermodynamic state information for SCATR. The state numbers correspond to those in Figure 6.1.
State
ṁ [kg/s]
P [bar]
T [K]
mol% CO2
State
ṁ [kg/s]
P [bar]
T [K]
mol% CO2
State
ṁ [kg/s]
P [bar]
T [K]
mol% CO2
State
ṁ [kg/s]
P [bar]
T [K]
mol% CO2
State
ṁ [kg/s]
P [bar]
T [K]
mol% CO2

1
21.33
1.013
298.2
0
10
9.48
100
1242.3
8.557
19
224.6
40
519.0
0
28
218.5
175
567.7
0.490
37
7.80
75
545.1
15.86

2
21.33
500
941.8
0
11
9.21
75
1182.7
8.557
20
224.6
42
517.9
0
29
242.8
175
607.0
1.198
38
7.80
55
526.9
15.86

3
374.8
1.013
298.2
0
12
4.32
55
1120.8
8.557
21
200.9
40
518.0
0.047
30
242.8
250
614.6
1.198
39
8.43
55
527.3
15.33

4
90.08
500
296.0
0
13
37.95
42
1068.9
8.557
22
200.9
55
518.5
0.047
31
369.2
250
683.4
3.545
40
8.43
40
511.9
15.33

5
6
7
284.7 480.67 480.6
1.013
500
475
296.6 750.1 1600.0
0
2.925 8.557
14
15
16
266.0 63.48 47.93
0.045
150
1
306.0 297.8 298.5
8.557 89.70 0.031
23
24
25
204.6 204.6 210.7
55
75
75
527.3 528.1 545.1
0.182 0.182 0.308
32
33
34
369.2 3.00
3.00
500
175
100
806.0 607.0 568.8
3.545 10.39 10.39
41
42
43
70.01 70.01 83.72
40
38
1
518.0 310.0 641.2
5.951 5.951 38.19

8
126.4
250
1445.8
8.557
17
224.6
1
299.4
0
26
210.7
100
546.3
0.308
35
4.64
100
563.5
15.20
44
83.72
0.95
351.0
38.19

9
27.27
175
1364.0
8.557
18
224.6
42
299.7
0
27
218.5
100
563.5
0.490
36
4.64
75
545.7
15.20
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Table 6.4: Power flow of SCATR for TIT = 1600 K, CIT = 750 K, under steady state
conditions for a 500 MW plant. Power outputs are listed as positive; power inputs
are listed as negative.
Component(s)
Power (MW)
ASU
-124.77
CH4 Compressor
-46.34
Turbines
818.47
Feedwater Pumps
-11.00
Final Feedwater Compressor
-61.45
CO2 Compressors
-74.90
Net
500.0

The power requirement for air separation is consistent with state-of-the-art values
available for cryogenic ASUs [116], and will only change if improvements can be made
in the air separation process. This is beyond the scope of this research. The CO2
compression was done in a five-stage, intercooled process. The power requirement
could possibly be improved by adding more stages of intercooling, for the dual advantages of having a compression process that is nearer isothermal and of condensing
more water from the gas mixture before compression. However, a large number of
stages are not likely to be realistic in practice, nor will it give significant marginal efficiency benefits. Finally, while the fuel compressor was not intercooled, this was done
consciously to take advantages of the higher temperatures reached during compression, to maintain the temperature of the mixed reactants stream above the critical
temperature of water. The power supplied for the compressor’s operation reflects
this.
Shifting away from strictly focusing on power and instead focusing on the exergy
transfers and destruction, we look at Figure 6.6. The first, tallest bar shows the net
work generated by SCATR as a percentage of the exergy of the methane supplied
to it, and therefore corresponds to the exergy efficiency of the plant. The other
bars show exergy destruction in various plant components. It follows that decreasing
the irreversibility in these components would result in a larger work output, and
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thus a higher system efficiency—therefore, a discussion of sources of irreversibility is
necessary.
The second bar indicates that 24% of the fuel exergy was destroyed in the combustion process. This is the single largest exergy sink in the system, which is why a
sensitivity analysis was conducted to determine how the operating point of the combustion would affect the irreversibility. This analysis is discussed in detail in the next
section.
Exergy Distribution
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Figure 6.6: Exergy distribution in SCATR, for the case where TIT = 1600 K and
CIT = 750 K. The first bar (in green) shows the work extracted from the system, and
the sixth bar (in cyan) shows the exergy in the pressurized CO2 stream. All other
bars show exergy destruction due to system irreversibilities. The colors correspond
to the ones used in Figure 6.8 and Figure 6.9.

The third bar, or second-largest exergy sink, is the feedwater heating at 7.6% of
fuel exergy. Given that changing the combustion operating point (namely, the combustor inlet temperature) will require increased or decreased amounts of feedwater
heating, we can expect that this amount of exergy destruction will change accordingly. The next section studies these changes relative to the change in combustion
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irreversibility.
The remaining exergy destruction bars reflect system components without much
potential improvement remaining, at this level of modeling. The ASU, as stated
earlier, is operating at a level comparable with the IPCC’s state-of-the-art units. The
exergy destroyed through the turbines, pumps, and compressors is a function of the
polytropic efficiency alone, which was already assumed to be high in this work (and
would therefore be unlikely to improve). Finally, the CO2 separation and compression
is already done in a multi-stage, intercooled way—suggesting limited minimal benefit
of adding further stages.

6.3.2

Sensitivity to the combustion operating point

Previously published work by Teh has shown that the fraction of fuel exergy destroyed
in combustion can be reduced either by increasing the combustor inlet temperature
(CIT), or by increasing the combustor outlet temperature (i.e., turbine inlet temperature, TIT) [138]. This is a particularly interesting finding for combustion-based
systems because the exergy loss from combustion is otherwise often treated as unassailable, and is therefore ignored for the purposes of system improvement.
That said, a reduction in combustion irreversibility doesn’t necessarily translate
into an overall improved system efficiency—the operation of the particular system’s
other components also play a role, which means that the system must be studied
as a whole. For SCATR, the CIT was allowed to vary between 700 K and 950 K,
and the TIT between 1450 K and 1800 K. These two operating points can be varied
independently by adjusting the mass flow rate of water recycled through the plant
(for a fixed mass flow rate of fuel and oxygen). The lower CIT limit of 700 K ensures
that the combustor inlet stream remains well above the critical temperature of water
(Tcrit = 647 K), thus avoiding phase transitions even locally. For the CIT variation,
the TIT was fixed at 1600 K, and for the TIT variation, the CIT was fixed at 750 K
(these fixed values correspond to the ones used in the specific case discussed in the
previous sub-section). In each case considered, a full exergy breakdown of the plant
was recorded in order to understand the exergy destruction tradeoffs between system
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Figure 6.7: Combustion exergy destruction (% of fuel exergy) as a function of reactant
and product temperature at 500 bar. The “x” marks the current operating point, and
the two circles mark the two possibilities discussed for further improvements. The
independence between combustor inlet and outlet is achieved by varying the mass
flow rate of water, the moderating species.
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components.

Combustion inlet temperature (CIT) variation
The results of the CIT variation are shown in Figure 6.8. Figure 6.8a shows the
exergy breakdown including all system components, and Figure 6.8b focuses only on
the components undergoing noteworthy changes as a result of the change in CIT. We
first notice that there is indeed a marked reduction in combustion irreversibility as a
result of increasing the CIT, from 25.2% of fuel exergy at 700 K to 21.1% at 950 K.
However, the system exergetic efficiency shows no corresponding increase—in fact, it
decreases slightly from 45.4% at 700 K to 44.3% at 950 K.
The main culprit here is the exergy destroyed in the series of feedwater heaters,
and particularly in the final (hottest) stage of feedwater heating, as is seen in Fig.
6b. To achieve a higher CIT in SCATR, more hot products must be extracted after
the first turbine expansion stage to preheat the feedwater. The lower pressure, colder
extractions are not affected because the outlets of those feedwater heaters are already
at a saturated liquid state (such that the temperature could not be raised further
in these stages). The additional extraction needed to raise the CIT is such that it
results in an increase of irreversibility in the final feedwater heater that counters, and
exceeds, the irreversibility decrease in combustion. This suggests that SCATR should
be operated at a CIT that is high enough to ensure a supercritical phase throughout
the stream, but no higher (700–750 K).

Turbine inlet temperature (TIT) variation
The results of the TIT variation are shown in Figure 6.9. Once again, Figure 6.9a
shows the exergy breakdown of SCATR including all system components, and Figure 6.9b shows the exergy destroyed in the components undergoing the largest change
as a result of the temperature variation. The TIT in SCATR was increased by holding
constant the mass flow rates of fuel and oxygen, as well as the states achieved during
the feedwater heating process, while varying the mass flow rate of water recycled
through the plant.
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Figure 6.8: Exergy distribution in SCATR, as a percentage of fuel exergy, as a result
of varying the CIT while holding the TIT fixed at 1600 K. (a) shows all exergy
destruction and outflow in SCATR, and (b) focuses on the most significant changes
resulting from the CIT variation.
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Variation of TIT, for fixed CIT = 750 K
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Figure 6.9: Exergy distribution in SCATR, as a percentage of fuel exergy, as a result of
varying the TIT while holding the CIT fixed at 750 K. (a) shows all exergy destruction
and outflow in SCATR, and (b) focuses on the most significant changes resulting from
the TIT variation.
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The fraction of fuel exergy destroyed in combustion is seen to decrease as the TIT
increases, from 25.6% of fuel exergy at 1450 K to 22.5% at 1800 K. Unlike in the
CIT variation case, there is no significant increase in irreversibility in other system
components as a result of the TIT increase (only a slight increase in the condenser,
which now receives expanded products at a slightly higher specific enthalpy). Therefore, nearly all of the exergy regained in the combustor goes directly to the systems
exergy efficiency, which increases from 43.8% at a TIT of 1450 K to 46.9% at a TIT
of 1800 K.
For highest system efficiencies then, the CIT should be kept as low as possible
while maintaining a supercritical state for the water (in the range of 700-750 K), while
the TIT should be raised as high as allowable under materials constraints.
It is interesting to note that the combustion irreversibility actually decreases by
a smaller amount for each 100 K increase in TIT than it does for a 100 K increase in
CIT. Though the relationship is not linear, there was an average decrease of 1.7% fuel
exergy destruction in the combustor for each 100 K increase in CIT over the range of
temperatures considered, but only a decrease of 0.9% of fuel exergy destruction per
100 K of TIT increase. Looking only at the combustor, increasing CIT would have
seemed like the best way to reduce irreversibility, but at a system level it is clear that
increasing TIT has a better effect. This speaks to the need to complete a full system
analysis when adjusting the operating point of a single component.

6.4

Conclusions and comparison to other advanced
cycles

SCATR is introduced here as a concept for a natural-gas-fired power plant with the
potential to reach high efficiencies with intrinsic CO2 capture. The system modeling
and analysis show that system efficiencies of 43.8% to 46.9% relative to the exergy
of methane are possible, including all penalties for CO2 capture and compression
to 150 bar. This corresponds to a range of 45.4% to 48.6% on an LHV basis, or
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40.9% to 43.8% on an HHV basis. This is comparable to other advanced, watermoderated oxyfuel systems presented in the literature and listed in Section 6.1.2. It
is also exactly comparable to efficiency values for NGCC power plants including CO2
capture and compression (see for example the 42.8%HHV efficiency of Case 14 in the
DOE/NETL’s Fossil Energy Baseline report).
It is certainly possible, however, that a system like SCATR could have a smaller
footprint than an NGCC power plant. This would be likely because SCATR has a
single cycle (as opposed to a combined cycle including a large HRSG), because its
working fluid is very dense relative to combustion products of natural gas in air, and
because of the integration of the CO2 separation/compression process as an intrinsic
part of the cycle. A more definitive statement on this issue would require a technoeconomic evaluation with a good awareness of the choice of system components, which
is left to a future study. However, the work here would establish the necessary first
step in such an analysis.
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Chapter 7
Conclusions and Recommendations
This dissertation focused on the evaluation of CO2 capture systems via the process
of exergy analysis. The need for the implementation of carbon capture systems in
the electricity sector as a supplement to other greenhouse gas emissions reductions
techniques is clear, and was outlined in Chapter 1. However, these systems cause
a significant reduction in the electricity output of the power plant. Therefore, new
systems are being developed while older, existing ones are improved upon. This has
led to a need for a rigorous way to compare sometimes very different systems, on
an even basis, in order to understand the direction future research and investment
should take.
Exergy analysis can provide a way to perform this comparison, because exergy—
which is the measure of the potential work that could be extracted from a resource—
can be defined for any transfer to any system. Processes and subprocesses that
destroy more exergy are thereby identified as being in need of improvement. Existing
post-combustion capture systems were indicated to have exergy efficiencies in the
range of 10-25%. Therefore, performing a detailed exergy analysis of these systems
was a useful next step to identify the reasons for these low values. This was done
for two post-combustion system, an amine absorption system and a vacuum-swing
adsorption system. A third system, which used a novel oxycombustion process for
burning natural gas and oxygen in a medium of supercritical water, was then studied.
One motivation behind this final system was to see whether significant efficiency
143
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gains could be made on the overall power plant by reducing the exergy destruction
in combustion. Given the significant decreases in plant exergy efficiency caused by
post-combustion capture systems, it could be advantageous to develop systems such
as this one, in which the CO2 separation is an intrinsic part of the process, if it can
result in higher plant efficiencies.

7.1

Conclusions and recommendations for process
improvement

Over the course of this dissertation, it was found that for the post-combustion capture
system using absorption in MEA, the exergy efficiency was even lower than the range
of 10-25% anticipated from earlier studies. This mismatch with the expected efficiency
values was due to ambiguously defined system boundaries and ambiguously defined
reference streams for the separation process. As expected, it was found that a majority
of the exergy destruction occurred in the two columns (absorber and stripper). More
unexpected was the fact that a significant part of the exergy destruction occurred
in the mixing and condensing of the steam extracted from the power cycle for the
reboiler—in other words, in the integration of the carbon capture system with the rest
of the power plant. The path towards reducing the exergy destruction in the absorber
and stripper is already known from other studies, but has only been implemented to
small degrees thus far. This involves reducing the driving forces in both columns,
so that less exergy destruction occurs (transfers across larger driving gradients result
in greater irreversibility). The path towards reducing the exergy destruction in the
steam extraction, however, lies in better integrating the CO2 capture system with the
rest of the power plant.
Amine absorption systems are relatively well understood: they are at a high level
of technological maturity, and they have been analyzed in relative detail in many
different studies. By contrast, post-combustion capture systems using vacuum-swing
adsorption are typically less well understood. The modeling and optimization focus
for these systems in the past has largely been on the operation of the absorption
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column—which states are reached, and for how long—rather than on the rest of the
system. As a result, even when analyzing a state-of-the-art system that had specifically been optimized to minimize the work required, remaining potential for efficiency
gain was found. This efficiency gain would result from intercooling a vacuum pump
process. The technical feasibility of this would need to be discussed with adsorption
plant designers and operators. The first recommendation for these processes, therefore, is that a better understanding of the operation of other parts of the system
should be gained beyond the column itself. If intercooling were to be used, the efficiency gains made would be significant (≈5 points), and the electrical power needed
for the operation of the capture system would be reduced accordingly.
Furthermore, a large part of the exergy destruction in the VSA system occurred
in the adsorption column itself. However, the theoretical and modeling tools available
to analyze the underlying causes for this irreversibility were found lacking, and were
therefore extended. This is discussed in Section 7.2 below.
The third system, SCATR, was developed, modeled, and analyzed as an exploratory concept to raise overall system efficiencies while also separating CO2 . In
the end, the resulting efficiencies were relatively high (comparable to an NGCC plant
with CO2 capture), but only limited additional gains could be made. Although potential for improvement of the overall system exergy efficiency was identified in the
combustor, very little of that exergy was recoverable as work output from the system.
One of the key uses for results of an exergy analysis is to improve the integration
of system components. Here, this was addressed to some extent for each of these
systems. However, it would be advisable to take this farther, especially in the case of
the two post-combustion capture systems. There is value in studying them independently from the remainder of the power plant: This is how large existing inefficiencies
(including ηx < 10% for the MEA system) are identified, targeted, and hopefully
improved. However, in order to achieve the final goal of having a reduced impact on
the electricity output for the plant, the efficiency improvements must be implemented
at the integrated, full-plant level.
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Recommendations for modeling needs

A recurring theme during the process evaluation was that of defining a system clearly.
This is a straightforward concept, but it does not always get implemented correctly,
in particular when using the same binary “minimum exergy of separation” even for
separation systems that also separate water, or that have matter transfers into or out
of the system at a state that is very different from the environmental state. Careful
accounting is needed if different systems are to be compared fairly.
Several issues arose during this dissertation regarding the modeling tools and
considerations that are necessary for a detailed exergy analysis. The issue of thermodynamic consistency was revisited on several occasions, both in the mixing rules and
isotherm forms that are valid for finding the properties of adsorbed species, and in the
implementation of the electrolyte-NRTL method in Aspen Plus. In the absorption
case, the current state of property methods available in Aspen Plus was discussed,
with recommendations about which to use to perform exergy analyses of electrolyte
systems.
In the ad sorption case, the entirety of Chapter 5 can be seen as a recommendation on how to treat thermodynamics of adsorbed species, and can be used as a
starting point for future studies. In the vacuum-swing adsorption system studied,
a significant part of the exergy destruction was in the adsorption column itself. In
order to analyze the adsorption column in more detail, the thermodynamics relevant to the system needed to be better understood. Chapter 5 provides the tools
for future exergy analyses of adsorption-based systems in which there is significant
accumulation of pure or mixed species in the surface phase. These tools take the form
of the theoretical derivation and final expressions, given in Chapter 5, and a set of
re-usable property methods written in Matlab for the thermodynamic properties of
adsorbed phases, given in Appendix D. These can be used with the existing Cantera
open-source property package for ideal gas properties [111].
The fact that the working fluid in the new system in Chapter 6 consisted of a
supercritical mixture of water and CO2 also meant that thermodynamic property
methods had to be evaluated carefully. In this case, the issue was not so much one
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of thermodynamic consistency, but of taking care to recognize highly non-ideal areas
and of modeling them appropriately.
In each of the three systems studied here, there existed significant departures
from ideality in thermodynamic property behavior. In order to correctly model and
evaluate systems, accurate representation of the thermodynamic properties are essential. As we have seen here, this is especially true when the relevant thermodynamic
properties are entropy or exergy.
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Appendix A
States and Transfers: MEA System
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Figure A.1: Diagram of the MEA absorption carbon capture system modeled.
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Table A.1: State information in the Aspen Plus model of the MEA system (using ELECNRTL and Hilliard’s
property parameters [3]). State numbers correspond to labels in Figure A.1. Note that the outlet states for the
waste streams (2, 15, 16) are listed here at the temperature that corresponds to the DOE/NETL Baseline values.
When performing an exergy analysis however, these streams are cooled to the environmental temperature To .
1

2

3

4

5

6

7

8

1.537E-1 1.000E+0
5.465E-2
5.465E-2
8.880E-1
8.772E-1
1.920E-1
8.772E-1
1.350E-1 7.404E-10
1.508E-1
1.508E-1 3.050E-13 6.127E-11
1.494E-2 6.144E-11
0.000E+0 0.000E+0 0.000E+0 0.000E+0
4.821E-2
3.046E-3
9.401E-5
3.047E-3
0.000E+0 0.000E+0 0.000E+0 0.000E+0
3.197E-2
5.990E-2 0.000E+0
5.990E-2
0.000E+0 0.000E+0 0.000E+0 0.000E+0
3.145E-2
5.174E-2 0.000E+0
5.174E-2
0.000E+0
8.081E-7 0.000E+0 0.000E+0
2.850E-4
8.087E-3 0.000E+0
8.088E-3
0.000E+0 5.624E-11 0.000E+0 0.000E+0
1.141E-4
3.646E-5 0.000E+0
3.640E-5
0.000E+0
8.082E-7 0.000E+0 0.000E+0 3.157E-10
1.225E-8 0.000E+0
1.227E-8
0.000E+0 7.509E-12 0.000E+0 0.000E+0
1.978E-7
7.949E-9 0.000E+0
7.949E-9
2.380E-2
5.317E-7
2.659E-2
2.659E-2 0.000E+0
9.167E-8
2.653E-2
9.167E-8
6.793E-1
7.917E-6
7.588E-1
7.588E-1 0.000E+0
1.425E-6
7.573E-1
1.425E-6
8.200E-3
1.997E-7
9.160E-3
9.160E-3 0.000E+0
3.396E-8
9.142E-3
3.396E-8
-3.097E+3 -1.582E+4 -2.402E+3 -2.378E+3 -1.236E+4 -1.218E+4 -1.929E+3 -1.218E+4
1.626E-1 -8.920E+0
1.840E-1
2.122E-1 -8.344E+0 -8.037E+0
4.040E-2 -8.037E+0
85.73
58.44
27.29
27.29
2280.91
2192.88
96.03
2192.88
58.0
34.5
34.5
57.6
40.0
52.3
62.2
52.3
0.101
0.101
0.101
0.120
0.101
0.111
0.101
0.203
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State
yi (mol frac)
H2 O
CO2
MEA
MEA+
MEACOO−
HCO−
3
CO−2
3
H+
OH−
O2
N2
Ar
h (kJ/kg)
s (kJ/kg-K)
ṁ (kg/s)
T (◦ C)
P (MPa)

State
yi (mol frac)
H2 O
CO2
MEA
MEA+
MEACOO−
HCO−
3
CO−2
3
H+
OH−
O2
N2
Ar
h (kJ/kg)
s (kJ/kg-K)
ṁ (kg/s)
T (◦ C)
P (MPa)

9

10

11

12

13

14

15

16

8.754E-1
1.591E-2
8.849E-1
8.848E-1
8.848E-1 1.000E+0 1.000E+0
4.749E-2
6.054E-3
9.840E-1 4.479E-10 2.277E-12 2.280E-12 0.000E+0 6.377E-11
1.760E-2
1.163E-2
1.087E-8
5.008E-2
5.014E-2
5.014E-2 0.000E+0
1.544E-5 2.815E-14
5.345E-2 0.000E+0
3.251E-2
3.257E-2
3.257E-2 0.000E+0
3.784E-6 0.000E+0
4.890E-2 0.000E+0
3.214E-2
3.202E-2
3.202E-2 0.000E+0
2.789E-8 0.000E+0
4.534E-3 0.000E+0
3.603E-4
4.169E-4
4.169E-4 0.000E+0
3.741E-6 0.000E+0
5.457E-6 0.000E+0
8.258E-6
6.647E-5
6.647E-5 0.000E+0
1.533E-8 0.000E+0
7.380E-8 0.000E+0
4.512E-8
1.197E-9
1.198E-9
1.737E-9
1.639E-8 0.000E+0
1.345E-8 0.000E+0
8.022E-8
1.813E-7
1.814E-7
1.737E-9 7.791E-10 0.000E+0
9.112E-8
3.296E-6 1.112E-19 0.000E+0 0.000E+0 0.000E+0
5.225E-7
3.128E-2
61.416E-6
5.123E-5 1.000E-30 0.000E+0 0.000E+0 0.000E+0
7.990E-6
8.929E-1
3.376E-8
1.221E-6 5.343E-23 0.000E+0 0.000E+0 0.000E+0
1.948E-7
1.078E-2
-1.200E+4 -8.975E+3 -1.203E+4 -1.222E+4 -1.222E+4 -1.586E+4 -1.578E+4 -6.487E+2
-7.518E+0 -3.582E-2 -7.602E+0 -8.137E+0 -8.137E+0 -9.051E+0 -8.770E+0
9.070E-2
2201.77
3.86
138.70
138.70
138.70
131.43
135.64
23.55
100.0
21.0
113.9
59.0
59.0
25.0
45.7
32.0
0.193
0.160
0.170
0.162
0.101
0.101
0.101
0.101
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Table A.2: Energy transfers in the MEA system model.
Device
Heat or Work (MW)
Flue gas cooler Q̇
163.938
Reboiler Q̇
588.572
Condenser Q̇
199.051
Lean solvent cooler Q̇
18.043
Blower Ẇ
20.261
Pump Ẇ
0.605

Appendix B
VSA system parameters
These parameters are taken from Haghpanah et al. 2013 [86], and any additional
parameters can be found there as well.
Adsorption parameter
qsα,CO2
qsβ,CO2
qsα,N 2
qsβ,N 2
K0α,CO2
K0β,CO2
K0α,N 2
K0β,N 2
∆Uaα,CO2
∆Uaβ,CO2
∆Uaα,N 2
∆Uaβ,N 2

Value
3.09
2.54
5.84
0.00
8.65E-7
2.63E-8
2.50E-6
0.00
-36.641
-35.690
-15.800
0.000
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Units
mol/kgsorbent
mol/kgsorbent
mol/kgsorbent
mol/kgsorbent
m3gas /mol
m3gas /mol
m3gas /mol
m3gas /mol
kJ/mol
kJ/mol
kJ/mol
kJ/mol
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Property
Column length
Column inner radius

Value
1
0.1445

Column void fraction, ε
Sorbent density
Specific heat capacity of sorbent
Effective thermal conductivity
Flue gas pressure
Flue gas temperature
Flue gas CO2 content

0.37 m3 gas
column
1130 kg/m3
1070 J/kg-K
0.09 J/m-K-s
1
bar
298.15
K
kmolCO2
0.15
kmolgas

Flue gas N2 content
CO2 capture percentage
CO2 purity in product
Gas viscosity, µ
Isentropic efficiency of vac. pumps
High pressure
Intermediate pressure
Low pressure
Pressurization duration
Adsorption duration
Blowdown duration
Evacuation duration

Units
m
m
m3

0.85
90
90
1.72E-5
0.72
1
0.09
0.02
20
94.89
122.84
189.46

kmolCO2
kmolgas

%
%
kg/m-s
—
bar
bar
bar
s
s
s
s

Appendix C
Adsorbed phase exergy example
Exergy is a state property of a substance and its environment. To help understand
how this property behaves, the exergy of various substances is plotted in Figure C.2.
The exergy of four gases is plotted as a function of pressure, for five different temperatures, on the left-hand side (Figure C.2 a, c, e, and g). These gases are, respectively,
dry air (molar composition 78.08% N2 , 20.94% O2 , 0.934% Ar, and 380 ppm CO2 ),
pure nitrogen, pure carbon dioxide, and a representation of dry flue gas from a coalfired power plant (molar composition 85% N2 , 15% CO2 ). The dead state has the
composition of dry air, a pressure of 1 bar, and a temperature of 298.15 K. The
gas phase can be treated as an ideal gas for the states considered, and gas-phase
properties are calculated using the Cantera open-source package for Matlab [111].
On the right-hand side (Figure C.2 b, d, f, and h) is plotted the exergy of the
adsorbed phase that is in equilibrium with each of these gases on zeolite 13X. The
exergy of these gases is calculated as derived in Chapter 5, assuming an ideal adsorbed
solution, and using pure-component adsorption isotherms from the literature. The O2
and N2 isotherms are taken from Baksh et al. [139]. The CO2 isotherm is taken from
Haghpanah et al. [86] and are listed in Appendix B. Functional forms of adsorption
isotherms for argon at low pressure on zeolite 13X are surprisingly difficult to find,
but studies of air separation using this zeolite indicate that argon isotherms match
oxygen closely, especially when compared to nitrogen or CO2 [139]. For the purpose of
this illustration, the argon adsorption isotherm is taken to be the same as for oxygen.
155

156

APPENDIX C. ADSORBED PHASE EXERGY EXAMPLE

Figure C.1: Adsorption isotherms on Zeolite 13X at 298.15 K, used in the calculation
of dead-state properties.
The isotherms for the environmental gases at the dead state temperature are shown
in Figure C.1.
Except at the dead state where it is zero, exergy is always a positive quantity,
regardless of whether the system is at a higher or lower temperature, pressure, or
mole fraction than the dead state. In Figure C.2, the zero-exergy state is seen in two
instances: for gaseous air at 1 bar and 298.15 K, and for adsorbed air at 1 bar and
298.15 K. Note that the mole fraction of the air in the adsorbed phase will not be the
same as the mole fraction of air in the gas phase. Instead, the adsorbed air has the
same chemical potential as the gaseous air; the mole fractions in the adsorbed phase
vary with temperature and pressure and are found using the Ideal Adsorbed Solution
procedure described in Chapter 5.
For all species and phases, the value of the exergy reaches a minimum at the state
that is nearest to the dead state. Mixtures that have compositions that are nearer to
the dead state’s have overall lower exergy. The pure nitrogen plots are only somewhat
different from the air plots because air is primarily nitrogen. Similarly, the gaseous
CO2 has much larger exergy than any other species or mixture plotted because the
mole fraction of CO2 at the dead state is so low. This is well understood for the
exergy of gas phases. However, the adsorbed CO2 shows a different behavior: its
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Figure C.2: Exergy of various gases and gas mixtures, and exergy of the adsorbed
phase in equilibrium with these gases.
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exergy is considerably lower than that of the gaseous CO2 . This can be understood
by noting that CO2 adsorbs very strongly onto zeolite 13X such that, even when in
contact with 380 ppm CO2 air, the adsorbed phase will still have a high mole fraction
of CO2 . Therefore pure CO2 adsorbed on zeolite 13X is not nearly as different from
air adsorbed on zeolite 13X as pure CO2 gas is from gaseous air—adsorbed CO2’s
exergy is lower than that of gaseous CO2 .
A similar reasoning can be used to understand the flue gas plots. Flue gas (85% N2 ,
15% CO2 ) is mainly nitrogen so its gas-phase exergy, while slightly larger than that
of pure nitrogen, behaves similarly. Flue gas adsorbed on zeolite 13X, by contrast,
will be much more enriched in CO2 , so this phase’s exergy behaves more like pure
CO2 than like pure nitrogen.

Appendix D
Matlab code for adsorbed phase
properties
D.1

For solving for the Ideal Adsorbed Solution
mixture state

D.1.1

“Forward”

function [ Pstand , qvec , x ] = FastIAS ( Tsys , Pvec , varargin )
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
% [ Pstand , qvec , x ] = FastIAS ( Tsys , Pvec , varargin )
%
% Function that makes a t h e r m o d y n a m i c a l l y consistent mixture for
% adsorbed species. Can use activity coefficients if available ;
% otherwise will set them to 1 .
%
% Currently exists only in a state that assumes dual - site Langmuir
% isotherms for the pure species , in the form that Haghpanah et al. 2013
% use ( i.e. explicit in c_i instead of P_i ) .
%
% Based on the algorithm as laid out by O ' Brien and Myers , 1985 ( although
% with a different isotherm form ) .
%
% INPUTS :

System T [ K ]

%

Vector of partial pressures in gas phase [ Pa ]
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%

Activity coefficients if available [ unitless ]

%
% OUTPUTS :

Vector of standard state pressures for each component [ Pa ]

%

Vector of loadings for each component [ kmol - i / kg - sorbent ]

%

Mole fractions in the adsorbed phase [ unitless , and redundant

%

on Nvec , but might still be handy ]

%
% A. Calbry - Muzyka
% 15 Jan. 2014
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
% Make the species references available.
global iN2 iCO2 iO2 iAr Ru
% Make the dual - site Langmuir parameters available to all functions.
% All can be vectors , using the gas - specific indices above.
global b0 d0 Nsatb Nsatd DUb DUd
% Check to see if we have activity coefficients or not :
if nargin == 3
alpha = varargin {1};

% This should be a vector.

alpha = ones ( length ( Pvec ) ,1) ;

% IDEAL ADSORBED SOLUTION DEFAULT.

else
end
% Find out how many species we have :
N

= length ( Pvec ) ;

% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
% % Fast IAS. Assume that we have dual - site Langmuir for pure comps.
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
Psys

= sum ( Pvec ) ;

y

= Pvec. / Psys ;

% [ Pa ]

Kbi

= b0. * exp ( - DUb. /( Ru. * Tsys ) ) ;

% [ m3 / kmol ]

Kdi

= d0. * exp ( - DUd. /( Ru. * Tsys ) ) ;

% [ m3 / kmol ]

% unitless

% Make the code much faster by pre - eliminating species that aren ' t there
% ( i.e. that have a partial pressure of zero ) .
N_short

= 0;

for i = 1: N
if ( Pvec ( i )

6=

0 )

N_short

= N_short + 1;

Pvec_short ( N_short )

= Pvec ( i ) ;

alpha_short ( N_short )

= alpha ( i ) ;

Nsatb_short ( N_short )

= Nsatb ( i ) ;

Nsatd_short ( N_short )

= Nsatd ( i ) ;

Kbi_short ( N_short )

= Kbi ( i ) ;

Kdi_short ( N_short )

= Kdi ( i ) ;
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y_short ( N_short )

= y(i);

s pe ci es _ st or ag e ( N_short ) = i ;
end
end
% Initial guess for Pstand ( based on Henry ' s Law limit )
for i = 1: N_short
Pstand0 ( i )

...

= Psys *( sum (( Nsatb_short. * Kbi_short +

Nsatd_short. * Kdi_short ) . * y_short ) ...
. / ( Nsatb_short ( i ) * Kbi_short ( i ) + Nsatd_short ( i ) * Kdi_short ( i ) ) ) ;
end
% Initialize vectors.
J

= zeros ( N_short , N_short ) ;

gvec

= zeros ( N_short ,1) ;

% Set the initial guess for Newton - Raphson.
Pstand_short

= Pstand0 ' ;

Nstand_short

= zeros ( N_short ,1) ;

MAXITER = 50;

% Max allowed iterations for Newton - Raphson

TOLER

% Tolerance required for Newton - Raphson

= 10 e -9;

err

= 1;

% Start err > TOLER to enter loop

k

= 1;

% Newton - Raphson loop counter

while ( err > TOLER )
for j = 1: N_short

% j is the column of the NxN system

for i = 1: N_short -1

% i is the row of the NxN system

if ( i == j )
J (i , j ) = Nsatb_short ( i ) * Kbi_short ( i ) /(

...

Ru * Tsys +( Kbi_short ( i ) * Pstand_short ( i ) ) ) ...
+ Nsatd_short ( i ) * Kdi_short ( i ) /(

...

Ru * Tsys +( Kdi_short ( i ) * Pstand_short ( i ) ) ) ;
elseif ( i +1 == j )
J (i , j ) = -( Nsatb_short ( i +1) * Kbi_short ( i +1) /(

...

Ru * Tsys +( Kbi_short ( i +1) * Pstand_short ( i +1) ) ) ...
+ Nsatd_short ( i +1) * Kdi_short ( i +1) /(

...

Ru * Tsys +( Kdi_short ( i +1) * Pstand_short ( i +1) ) ) ) ;
end
% Define the g vector here too :
% Define the function psi first :
psi = @ ( a ) Nsatb_short ( a ) . * log (1 +

...

Pstand_short ( a ) . * Kbi_short ( a ) . /( Ru * Tsys ) ) ...
+ Nsatd_short ( a ) . * log (1 + Pstand_short ( a ) . * Kdi_short ( a ) . /( Ru * Tsys ) ) ;
% Now use it to find gvec
gvec ( i )

= psi ( i ) - psi ( i + 1) ;

end
% Bottom row of Jacobian :
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J ( N_short , j )

= ( - Psys * y_short ( j ) ) / ( alpha_short ( j ) * Pstand_short ( j ) ^2) ;

% Define the end of the g vector here too :
gvec ( N_short )

= -1 + sum ( Psys. * y_short. /( Pstand_short ' . * alpha_short ) ) ;

end
% Make a Newton - Raphson step :
correct

= J \( - gvec ) ;

Pstandold

= Pstand_short ;

Pstand_short

= Pstandold + correct ;

k = k + 1;

% to see how many iterations it takes

% Define the convergence criterion :
err = sum ( abs ( correct. / Pstand_short ) ) ;
% Put in checks to make this more rigorous :
if ( k

≥

MAXITER )

disp ( ' Newton - Raphson is taking too long. Something is wrong. ' )
break
else
for i = 1: N_short
if ( Pstand_short ( i )

≤

0)

disp ( ' Newton - Raphson running off. Using bisection now. ' )
Pstand_short ( i ) = Pstandold ( i ) /2;
end
end
end
end
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
% % Return all other information from IAS now that Pstand is found.
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
% Find adsorbed phase mole fractions :
= Pvec_short. /( Pstand_short ' . * alpha_short ) ;

x_short

% Find the standard state loading for each species :
Nstand_short

= Nsatb_short. * Kbi_short. * Pstand_short ' . /( Ru * Tsys +

...

Kbi_short. * Pstand_short ' ) ...
+ Nsatd_short. * Kdi_short. * Pstand_short ' . /( Ru * Tsys + Kdi_short. * Pstand_short ' ) ;
% Find the total loading :
Nt

= 1/( sum ( x_short. / Nstand_short ) ) ;

% Find the individual species loading :
Nvec_short

= Nt. * x_short ;

% % Now make the vector the normal size again.
Pstand

= zeros (N ,1) ;

Nvec

= zeros (N ,1) ;

x

= zeros (N ,1) ;
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for i = 1: N_short
long_index = s p ec ie s_ s to ra ge ( i ) ;
Pstand ( long_index ) = Pstand_short ( i ) ;
Nvec ( long_index )

= Nvec_short ( i ) ;

x ( long_index )

= x_short ( i ) ;

end
% Return the vector of loadings.
qvec = Nvec ;
end

D.1.2

“Backward”

function [ Pstand , Psys , y ] = F astIAS_f romNs ( Tsys , qvec , varargin )
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
% [ Pstand , Psys , y ] = Fas tIAS_fr omNs ( Tsys , qvec , varargin )
%
% Function that makes a t h e r m o d y n a m i c a l l y consistent mixture for
% adsorbed species. Can use activity coefficients if available ;
% otherwise will set them to 1 .
%
% Returns the vector of standard pressures of the given set of adsorption
% loadings , as well as the system pressure and gas mole fractions that
% would be in equilibrium with that set of loadings ( all for a given
% temperature ) .
%
% Mainly useful for calculating thermodynamic properties of adsorbed
% phases that are NOT in equilibrium with the bulk gas phase ( eg. due to
% mass transfer resistance ) . We need to know standard pressures and
% temperature of each substance in the adsorbed phase mixture.
%
% Currently exists only in a state that assumes dual - site Langmuir
% isotherms for the pure species , in the form that Reza uses ( i.e.
% explicit in c_i instead of P_i ) .
%
% Based on the algorithm as laid out by O ' Brien and Myers , 1985 ,
% and O ' Brien and Myers , 1988 ( although with a different isotherm form ) .
%
% INPUTS :

System T [ K ]

%

Vector of loadings [ kmol - i / kg - sorbent ]

%

Activity coefficients if available [ unitless ]

%
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% OUTPUTS :

Vector of standard state pressures for each component [ Pa ]

%

System pressure [ Pa ]

%

Mole fractions in the gas phase [ unitless ]

%
% A. Calbry - Muzyka , Jan. 15 , 2014
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
% Make the species references available.
global iN2 iCO2 Ru
% Make the dual - site Langmuir parameters available to all functions.
% All can be vectors , using the gas - specific indices above.
global b0 d0 Nsatb Nsatd DUb DUd
% Rename qvec to Nvec :
Nvec

= qvec ;

% [ kmol - i / kg - sorbent ]

% Check to see if we have activity coefficients or not :
if nargin == 3
alpha = varargin {1};

% This should be a function handle , eventually.

disp ( ' This function cannot take in non - unity activity coefficients yet. Talk
to Adelaide. ' )
return
else
alpha = ones ( length ( Nvec ) ,1) ;

% IDEAL ADSORBED SOLUTION DEFAULT.

end
% Find out how many species we have :
N

= length ( Nvec ) ;

% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
% % Fast IAS. Assume that we have dual - site Langmuir for pure comps.
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
Ntot

= sum ( Nvec ) ;

x

= ( Nvec. / Ntot ) ' ;

% [ kmol / kg - sorbent ]

Kbi

= b0. * exp ( - DUb. /( Ru. * Tsys ) ) ;

% [ m3 / kmol ]

Kdi

= d0. * exp ( - DUd. /( Ru. * Tsys ) ) ;

% [ m3 / kmol ]

% mole frac in adsorbed phase

% First put in a check that the loadings given are actually possible.
if Ntot > ( Nsatb + Nsatd )
disp ( ' The sorbent loading exceeds the saturation capacity of this material. ' )
return
end
% Initial guess for Pstand ( based on Henry ' s Law limit )
Pstand0 = zeros (N ,1) ;
for i = 1: N
Pstand0 ( i )

=

( Ntot * Ru * Tsys ) / ( Nsatb ( i ) * Kbi ( i ) + Nsatd ( i ) * Kdi ( i ) ) ;

...
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end
J

= zeros (N , N ) ;

gvec

= zeros (N ,1) ;

Pstand

= Pstand0 ;

% Set the initial guess for Newton - Raphson.

MAXITER = 100;
TOLER

= 10 e -9;

err

= 1;

k

= 1;

% k is the Newton - Raphson loop counter

while ( err > TOLER )
for j = 1: N

% j is the column of the NxN system

for i = 1: N -1

% i is the row of the NxN system

if ( i == j )
J (i , j ) = Nsatb ( i ) * Kbi ( i ) /( Ru * Tsys +( Kbi ( i ) * Pstand ( i ) ) ) + ...
Nsatd ( i ) * Kdi ( i ) /( Ru * Tsys +( Kdi ( i ) * Pstand ( i ) ) ) ;
elseif ( i +1 == j )
J (i , j ) = -( Nsatb ( i +1) * Kbi ( i +1) /( Ru * Tsys +( Kbi ( i +1) * Pstand ( i +1) )

...

) + ...
Nsatd ( i +1) * Kdi ( i +1) /( Ru * Tsys +( Kdi ( i +1) * Pstand ( i +1) ) ) ) ;
end
% Define the g vector here too :
% Define the function psi first :
psi = @ ( a ) Nsatb ( a ) . * log (1 + Pstand ( a ) . * Kbi ( a ) . /( Ru * Tsys ) ) + ...
Nsatd ( a ) . * log (1 + Pstand ( a ) . * Kdi ( a ) . /( Ru * Tsys ) ) ;
gvec ( i )

= psi ( i ) - psi ( i + 1) ;

end
% Define a function for standard state loading :
Nstand_vec

= @ ( Pstand ) Nsatb. * Kbi. * Pstand. /( Ru * Tsys + Kbi. * Pstand ) + ...

Nsatd. * Kdi. * Pstand. /( Ru * Tsys + Kdi. * Pstand ) ;
% Now make the bottom row of the Jacobian :
% ASSUMES THAT THE ACTIVITY COEFFICIENTS ARE CONSTANT.
Nstandvec
J (N , j )

= Nstand_vec ( Pstand ) ;
= -x ( j ) /(( Nstandvec ( j ) ) ^2) * ...

( Nsatb ( j ) * Kbi ( j ) * Ru * Tsys /(( Ru * Tsys + Kbi ( j ) * Pstand ( j ) ) ^2) + ...
Nsatd ( j ) * Kdi ( j ) * Ru * Tsys /(( Ru * Tsys + Kdi ( j ) * Pstand ( j ) ) ^2) ) ;
% Define the end of the g vector here too :
% ONCE AGAIN , ASSUMES THAT ACTIVITY COEFFICIENTS ARE CONSTANT.
gvec ( N )

= sum ( x. / Nstandvec ) - 1/ Ntot ;

end
% Make a Newton - Raphson step :
correct

= J \( - gvec ) ;

Pstandold

= Pstand ;

Pstand

= Pstandold + correct ;

k = k + 1;

% to see how many iterations it takes

% Define the convergence criterion :
err = sum ( abs ( correct. / Pstand ) ) ;
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% Put in checks to make this more rigorous :
if ( k

≥

MAXITER )

disp ( ' Newton - Raphson is taking too long. Something is wrong. ' )
break
else
for i = 1: N
if ( Pstand ( i )

≤

0)

disp ( ' Newton - Raphson running off. Using bisection now. ' )
Pstand ( i ) = Pstandold ( i ) /2;
end
end
end
end

% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
% % Return all other information from IAS now that Pstand is found.
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
% Find gas phase partial pressures :
Pi

= zeros (N ,1) ;

for i = 1: N
Pi ( i )

= Pstand ( i ) * x ( i ) * alpha ( i ) ;

% Pa

end
% Find total system pressure :
Psys

= sum ( Pi ) ;

% Pa

% Find gas phase mole fractions :
y

= Pi. / Psys ;

% unitless

end

D.2

For finding thermodynamic properties at a
known state

D.2.1

Surface potential and Gibbs free energy

function Phi_i = Phi_i_L2 (T , Pstand , iSpecies )
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
% Phi_i = Phi_i_L2 (T , Pstand , iSpecies )
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%
% Returns the semi - extensive ( per mass sorbent ) surface potential of the
% adsorbed phase ( J / kg ) , ASSUMING DUAL - SITE LANGMUIR form of the isotherm ,
% and an ideal gas vapor phase.
%
% INPUTS : T_system , the standard state pressure of the species , and the index
% of the species for which the property is wanted.
% NECESSARY GLOBALS : Langmuir parameters.
% OUTPUTS : Phi_i ( J / kg - sorbent ) , the surface potential of a pure species.
%
% A. Calbry - Muzyka
% 21 Jan. 2014
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
global To Po xo mu_o Phio iN2 iCO2 Ru
global b0 d0 Nsatb Nsatd DUb DUd
% Make vectors for Arrhenius terms.
b_i

= b0. * exp ( - DUb. /( Ru. * T ) ) ;

% m3 / kmol

d_i

= d0. * exp ( - DUd. /( Ru. * T ) ) ;

% m3 / kmol

% Find Phi for species i.
Phi_i = - Ru * T * Nsatb ( iSpecies ) * log ( 1 + b_i ( iSpecies ) * Pstand /( Ru * T ) ) - ...
Ru * T * Nsatd ( iSpecies ) * log ( 1 + d_i ( iSpecies ) * Pstand /( Ru * T ) ) ;
end

function DGa_i = DGa_i_L2 (T , Pstand , iSpecies )
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
% DGa_i = DGa_i_L2 (T , Pstand , iSpecies )
%
% Returns the semi - extensive ( per mass sorbent ) Gibbs free energy of the
% adsorbed phase ( J / kg - sorbent ) , ASSUMING DUAL - SITE LANGMUIR form of the
% isotherm , relative to an ideal gas reference phase.
%
% Based on the relations from Myers 2002 .
%
% INPUTS : T_system , the standard state pressure of the species , and the index
% of the species for which the property is wanted.
% NECESSARY GLOBALS : Langmuir parameters
% OUTPUTS : Delta G of the adsorbed species i , per mass of sorbent
%

( J / kg - sorbent ) , where Delta_Ga = Ga - G ( ideal gas @ Po and same T )

%
% Remember : Use to get back to Ga by adding to G_gas , not as Ga directly.
%
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% A. Calbry - Muzyka
% 21 Jan. 2014
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
global To Po xo mu_o Phio iN2 iCO2 Ru
global b0 d0 Nsatb Nsatd DUb DUd
% Make vectors for Arrhenius terms.
b_i

= b0. * exp ( - DUb. /( Ru. * T ) ) ;

% m3 / kmol

d_i

= d0. * exp ( - DUd. /( Ru. * T ) ) ;

% m3 / kmol

% Use the dual - site Langmuir isotherm to find Na_i , in kmol - i / kg - sorbent
% at the standard state ( i.e. at the vapor pressure ) .
Nastand_i = Nsatb ( iSpecies ) * b_i ( iSpecies ) * Pstand /( Ru * T + b_i ( iSpecies ) * Pstand ) + ...
Nsatd ( iSpecies ) * d_i ( iSpecies ) * Pstand /( Ru * T + d_i ( iSpecies ) * Pstand ) ;
% Assuming an ideal gas vapor phase :
if Nastand_i == 0
DGa_i = 0;

% Otherwise log (0) = - inf and this function returns NaN.

else
DGa_i = Nastand_i * Ru * T * log ( Pstand / Po ) + Phi_i_L2 (T , Pstand , iSpecies ) ;
end
end

function Dga_imol = Dga_imol_L2 (T , Pstand , iSpecies )
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
% Dga_imol = Dga_imol_L2 (T , Pstand , iSpecies )
%
% Returns the intensive ( per kmol of species i ) Gibbs free energy of the
% adsorbed phase ( J / kmol - i ) , ASSUMING DUAL - SITE LANGMUIR form of the
% isotherm , relative to an ideal gas reference phase.
%
% INPUTS : T_system , the standard state pressure of the species , and the
% index of the species for which the property is wanted.
% NECESSARY GLOBALS : Langmuir parameters
% OUTPUTS : Delta g of the adsorbed species i ( J / kmol - i ) , where
%

Delta_ga = ga - g ( idealgas @ Po and same T )

%
% Remember : Use to get back to ga by adding to g_gas , not as ga directly.
%
% A. Calbry - Muzyka
% 21 Jan. 2014
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
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global To Po xo mu_o Phio iN2 iCO2 Ru
global b0 d0 Nsatb Nsatd DUb DUd
% Make vectors for Arrhenius terms.
b_i

= b0. * exp ( - DUb. /( Ru. * T ) ) ;

% m3 / kmol

d_i

= d0. * exp ( - DUd. /( Ru. * T ) ) ;

% m3 / kmol

% Use the dual - site Langmuir isotherm to find Na_i , in kmol - i / kg - sorbent
% at the standard state ( i.e. at the vapor pressure ) .
Nastand_i = Nsatb ( iSpecies ) * b_i ( iSpecies ) * Pstand /( Ru * T + b_i ( iSpecies ) * Pstand ) + ...
Nsatd ( iSpecies ) * d_i ( iSpecies ) * Pstand /( Ru * T + d_i ( iSpecies ) * Pstand ) ;
% Find Dga_i from DGa_i ( which is in J / kg - sorbent ) :
DGa_i = DGa_i_L2 (T , Pstand , iSpecies ) ;
Dga_imol = DGa_i * (1/ Nastand_i ) ;
end

function ga_mol = ga_mol_L2 (T , Pstand_vec , x_vec , fluid , varargin )
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
% ga_mol = ga_mol_L2 (T , Pstand_vec , x_vec , fluid , varargin )
%
% Returns the molar Gibbs free energy [ J / kmol - mix ] of an adsorbed phase mixture ,
% ASSUMING DUAL - SITE LANGMUIR form of the isotherm , and assuming ideal gas vapor

...

phase.
%
% Note that this uses the Cantera open - source package to solve for ideal
% gas properties. This is not necessary , but then you will need to update
% this file.
%
% INPUTS : T_system , vector of standard pressures of all species in the mixture [ Pa ] ,
%

vector of actual adsorbed phase mole frac , and a fluid object.

%

HAS THE OPTION OF SENDING A VECTOR OF ACTIVITY COEFFICIENTS AFTER.

% NECESSARY GLOBALS : Langmuir parameters for ALL ADSORBED SPECIES , and Po.
% OUTPUTS : g ( not

∆

g ) of the adsorbed phase [ J / kmol - mix ]

%
% A. Calbry - Muzyka
% 21 Jan. 2014
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
global To Po xo mu_o Phio iN2 iCO2 Ru
global b0 d0 Nsatb Nsatd DUb DUd
% Find the number of species :
N

= length ( Pstand_vec ) ;

% Number of species
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% Check to see if we have activity coefficients or not :
if nargin == 5
alpha = varargin {1};

% This should be a vector.

else
alpha = ones (N ,1) ;

% IDEAL ADSORBED SOLUTION DEFAULT.

end
% % First , find adsorbed phase properties as departure functions from id. gas.
Dga_vec

= zeros (1 , N ) ;

ga_vec

= zeros (1 , N ) ;

IG_g_mol

= zeros (1 , N ) ;

gas_y

= zeros (1 , N ) ;

for i = 1: N
% Find the individual component ' s properties
Dga_vec ( i )

= Dga_imol_L2 (T , Pstand_vec ( i ) ,i ) ;

% Now , we ' ll move from the

∆

% in J / kmol - i.

functions to the absolute functions.

% Set the state for the REFERENCE gas ( not the equilibrium gas !!) .
% This is a gas at T of the system , x of the ADSORBED PHASE , and Po ( the
% dead state pressure , since that is what is used to integrate to find DG
% and therefore DS ) .
% Because we are still just finding the pure species props though ,
% we are going to keep the mole fractions to single species.
% We will do the mixing later.
gas_y ( i )

= 1;

set ( fluid , ' T ' ,T , ' P ' ,Po , ' X ' , gas_y ) ;
IG_g_mol ( i )

= gibbs_mole ( fluid ) ;

% J / kmol - i

% Now , add the ideal gas ref state to make an absolute
% ( cross - comparable with gas phase ) Gibbs free energy :
ga_vec ( i )

= Dga_vec ( i ) + IG_g_mol ( i ) ;

% J / kmol - i

% Reset the gas phase composition for the next species :
gas_y

= zeros (1 , N ) ;

end
% SOLVE FOR THE ABSOLUTE MOLAR GIBBS FREE ENERGY OF THE ADSORBED MIXTURE.
ga_mol

= 0;

% J / kmol - mix

% Here is where the mixing happens :
for i = 1: N
if ( x_vec ( i )

6=

0)

ga_mol = ga_mol + x_vec ( i ) *( ga_vec ( i ) + Ru * T * log ( alpha ( i ) * x_vec ( i ) ) ) ;
% J / kmol - mix
end
end
end

...
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D.2.2

Enthalpy and internal energy

function DHa_i = DHa_i_L2 (T , Pstand , iSpecies )
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
% DHa_i = DHa_i_L2 (T , Pstand , iSpecies )
%
% Returns the semi - extensive ( per mass sorbent ) enthalpy of the
% adsorbed phase ( J / kg ) , ASSUMING DUAL - SITE LANGMUIR form of the isotherm ,
% relative to an ideal gas reference phase.
%
% Based on the relations from Myers 2002 .
%
% INPUTS : T_system , the standard state pressure of the species , and the index
% of the species for which the property is wanted.
% NECESSARY GLOBALS : Langmuir parameters.
% OUTPUTS : Delta H of the adsorbed species i , per mass of sorbent
%

( J / kg - sorbent ) , where Delta Ha is Ha - H ( idealgas @ same T )

%
% Remember : Use to get back to a Ha from H_gas , not as Ha directly !!
%
% A. Calbry - Muzyka
% 21 Jan. 2014
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
global To Po xo mu_o iN2 iCO2 Ru
global b0 d0 Nsatb Nsatd DUb DUd
% Make vectors for Arrhenius terms.
b_i

= b0. * exp ( - DUb. /( Ru. * T ) ) ;

% m3 / kmol

d_i

= d0. * exp ( - DUd. /( Ru. * T ) ) ;

% m3 / kmol

% Use the dual - site Langmuir isotherm to find Na_i on each site ,
% in kmol - i / kg - sorbent at the standard state ( i.e. at the vapor pressure ) .
Na_ib = Nsatb ( iSpecies ) * b_i ( iSpecies ) * Pstand /( Ru * T + b_i ( iSpecies ) * Pstand ) ;
Na_id = Nsatd ( iSpecies ) * d_i ( iSpecies ) * Pstand /( Ru * T + d_i ( iSpecies ) * Pstand ) ;
% Now find DHa_i , assuming an ideal gas vapor phase :
DHa_i = ( DUb ( iSpecies ) - Ru * T ) * Na_ib + ( DUd ( iSpecies ) - Ru * T ) * Na_id ;
end

function Dha_imol = Dha_imol_L2 (T , Pstand , iSpecies )
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
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% Dha_imol = Dha_imol_L2 (T , Pstand , iSpecies )
%
% Returns the intensive ( per kmol of species i ) enthalpy of the
% adsorbed phase ( J / kmol - i ) , ASSUMING DUAL - SITE LANGMUIR form of the isotherm ,
% relative to an ideal gas reference phase.
%
% INPUTS : T_system , the standard state pressure of the species , and the index
% of the species for which the property is wanted.
% NECESSARY GLOBALS : Langmuir parameters
% OUTPUTS : Delta h of the adsorbed species i ( J / kmol - i ) , where
%

Delta ha is ha - h ( idealgas @ Po and same T )

%
% Remember : Use to get back to h_a from h_gas , not as h_a directly !!
%
% A. Calbry - Muzyka
% 21 Jan. 2014
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
global To Po xo mu_o Phio iN2 iCO2 Ru
global b0 d0 Nsatb Nsatd DUb DUd
% Make vectors for Arrhenius terms.
b_i

= b0. * exp ( - DUb. /( Ru. * T ) ) ;

% m3 / kmol

d_i

= d0. * exp ( - DUd. /( Ru. * T ) ) ;

% m3 / kmol

% Use the dual - site Langmuir isotherm to find Na_i , in kmol - i / kg - sorbent
% at the standard state ( i.e. at the vapor pressure ) .
Nastand_i = Nsatb ( iSpecies ) * b_i ( iSpecies ) * Pstand /( Ru * T + b_i ( iSpecies ) * Pstand ) + ...
Nsatd ( iSpecies ) * d_i ( iSpecies ) * Pstand /( Ru * T + d_i ( iSpecies ) * Pstand ) ;
% Find Dha_i from DHa_i ( which is in J / kg - sorbent ) :
DHa_i = DHa_i_L2 (T , Pstand , iSpecies ) ;

% [ J / kmol - mix ]

Dha_imol = DHa_i * (1/ Nastand_i ) ;

% [ J / kmol - mix ]

end

function ha_mol = ha_mol_L2 (T , Pstand_vec , x_vec , fluid )
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
% ha_mol = ha_mol_L2 (T , Pstand_vec , x_vec , fluid )
%
% Returns the molar enthalpy [ J / kmol - mix ] of an adsorbed phase mixture ,
% ASSUMING DUAL - SITE LANGMUIR form of the isotherm , and assuming ideal gas
% vapor phase.
%
% Note that this uses the Cantera open - source package to solve for ideal
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% gas properties. This is not necessary , but then you will need to update
% this file.
%
% INPUTS : T_system , vector of standard pressures of all species in the mixture
%

[ Pa ] , vector of actual adsorbed phase mole frac , and a fluid object.

%

WOULD NEED TO SEND IN ACTIVITY COEFFS AS A FUNCTION ; DOES NOT

%

YET HAVE THE ABILITY TO RECEIVE THEM.

% NECESSARY GLOBALS : Langmuir parameters for ALL ADSORBED SPECIES , and Po.
% OUTPUTS : h ( not

∆

h ) of the adsorbed phase [ J / kmol - mix ]

%
% A. Calbry - Muzyka
% 21 Jan. 2014
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
global To Po xo mu_o Phio iN2 iCO2 Ru
global b0 d0 Nsatb Nsatd DUb DUd
% Find the number of species :
N

= length ( Pstand_vec ) ;

% Number of species

% % First , find adsorbed phase properties as departure functions from id. gas.
Dha_vec

= zeros (1 , N ) ;

ha_vec

= zeros (1 , N ) ;

IG_h_mol

= zeros (1 , N ) ;

gas_y

= zeros (1 , N ) ;

for i = 1: N
% Find the individual component ' s properties
Dha_vec ( i )

= Dha_imol_L2 (T , Pstand_vec ( i ) ,i ) ;

% Now , we ' ll move from the

∆

% in J / kmol - i.

functions to the absolute functions.

% Set the state for the REFERENCE gas ( not the equilibrium gas !!) .
% This is a gas at T of the system , x of the ADSORBED PHASE , and Po ( the
% dead state pressure , since that is what is used to integrate to find DG
% and therefore DS ) .
% Because we are still just finding the pure species props though ,
% we are going to keep the mole fractions to single species.
% We will do the mixing later.
gas_y ( i )

= 1;

set ( fluid , ' T ' ,T , ' P ' ,Po , ' X ' , gas_y ) ;
IG_h_mol ( i )

= enthalpy_mole ( fluid ) ;

% J / kmol - i

% Now , add the ideal gas ref state to make an absolute
% ( cross - comparable with gas phase ) Gibbs free energy :
ha_vec ( i )

= Dha_vec ( i ) + IG_h_mol ( i ) ;

% Reset the gas phase composition for the next species :
gas_y

= zeros (1 , N ) ;

% J / kmol - i
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end
% SOLVE FOR THE ABSOLUTE MOLAR ENTHALPY OF THE ADSORBED MIXTURE.
% Here is where the ideal solution assumption is made : hmix = 0 .
ha_mol

= 0;

% J / kmol - mix

for i = 1: N
if ( x_vec ( i )

6=

0)

ha_mol = ha_mol + x_vec ( i ) *( ha_vec ( i ) ) ;

% J / kmol - mix

end
end
end

function ua_mol = ua_mol_L2 (T , Pstand_vec , x_vec , fluid )
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
% ua_mol = ua_mol_L2 (T , Pstand_vec , x_vec , fluid )
%
% Returns the molar internal energy [ J / kmol - mix ] of an adsorbed phase mixture ,
% ASSUMING DUAL - SITE LANGMUIR form of the isotherm , and assuming ideal gas vapor

...

phase.
%
% From relation in Myers 2002 . Remember that this is a zero - volume phase !
%
% INPUTS : T_system , vector of standard pressures of all species in the mixture [ Pa ] ,
%

vector of actual adsorbed phase mole frac , and a fluid object.

%

WOULD NEED TO SEND IN ACTIVITY COEFFS AS A FUNCTION ; DOES NOT

%

YET HAVE THE ABILITY TO RECEIVE THEM.

% NECESSARY GLOBALS : None here.
% OUTPUTS : u ( not

∆

u ) of the adsorbed phase [ J / kmol - mix ]

%
% A. Calbry - Muzyka
% 21 Jan. 2014
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
% % Note that ua_mol = ha_mol , because va_mol = 0 .
ua_mol = ha_mol_L2 (T , Pstand_vec , x_vec , fluid ) ;
end

D.2.3

Entropy
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function DSa_i = DSa_i_L2 (T , Pstand , iSpecies )
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
% DSa_i = DSa_i_L2 (T , Pstand , iSpecies )
%
% Returns the semi - extensive ( per mass sorbent ) entropy of the
% adsorbed phase ( J / kg - K ) , ASSUMING DUAL - SITE LANGMUIR form of the isotherm ,
% relative to an ideal gas reference phase.
%
% INPUTS : T_system , the standard state pressure of the species , and the index
% of the species for which the property is wanted.
% NECESSARY GLOBALS : None here ( they all get called by the DHa_i and DGa_i
%

functions instead ) .

% OUTPUTS : Delta S of the adsorbed species i , per mass of sorbent
%

( J /K - kg - sorbent ) , where DeltaSa is Sa - S ( idealgas @ Po and same T )

%
% Remember : Use to get back to a Sa , not as Sa directly !!
%
% A. Calbry - Muzyka
% 21 Jan. 2014
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
% Find values for DHa_i and DGa_i first from our functions :
DHa_i = DHa_i_L2 (T , Pstand , iSpecies ) ;
DGa_i = DGa_i_L2 (T , Pstand , iSpecies ) ;
% Then , use the fact that G = H - TS to find DSa_i :
DSa_i = (1/ T ) *( DHa_i - DGa_i ) ;
end

function Dsa_imol = Dsa_imol_L2 (T , Pstand , iSpecies )
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
% Dsa_imol = Dsa_imol_L2 (T , Pstand , iSpecies )
%
% Returns the intensive ( per kmol of species i ) entropy of the
% adsorbed phase ( J / kmol - i ) , ASSUMING DUAL - SITE LANGMUIR form of the isotherm ,
% relative to an ideal gas reference phase.
%
% INPUTS : T_system , the standard state pressure of the species , and the index
% of the species for which the property is wanted.
% NECESSARY GLOBALS : Langmuir parameters
% OUTPUTS : Delta s of the adsorbed species i ( J / kmol - i ) , where
%

Delta sa is sa - s ( idealgas @ Po and same T )

%
% Remember : Use to get back to s_a from s_gas , not as s_a directly !!
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%
% A. Calbry - Muzyka
% 21 Jan. 2014
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
global To Po xo mu_o Phio iN2 iCO2 Ru
global b0 d0 Nsatb Nsatd DUb DUd
% Make vectors for Arrhenius terms.
b_i

= b0. * exp ( - DUb. /( Ru. * T ) ) ;

% m3 / kmol

d_i

= d0. * exp ( - DUd. /( Ru. * T ) ) ;

% m3 / kmol

% Use the dual - site Langmuir isotherm to find Na_i , in kmol - i / kg - sorbent
% at the standard state ( i.e. at the vapor pressure ) .
Nastand_i = Nsatb ( iSpecies ) * b_i ( iSpecies ) * Pstand /( Ru * T + b_i ( iSpecies ) * Pstand ) + ...
Nsatd ( iSpecies ) * d_i ( iSpecies ) * Pstand /( Ru * T + d_i ( iSpecies ) * Pstand ) ;
% Find Dsa_i from DSa_i ( which is in J / kg - sorbent ) :
DSa_i = DSa_i_L2 (T , Pstand , iSpecies ) ;
Dsa_imol = DSa_i * (1/ Nastand_i ) ;
end

function sa_mol = sa_mol_L2 (T , Pstand_vec , x_vec , fluid )
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
% sa_mol = sa_mol_L2 (T , Pstand_vec , x_vec , fluid )
%
% Returns the molar entropy [ J /K - kmol - mix ] of an adsorbed phase mixture ,
% ASSUMING DUAL - SITE LANGMUIR form of the isotherm , and assuming ideal gas vapor

...

phase.
%
% Note that this uses the Cantera open - source package to solve for ideal
% gas properties. This is not necessary , but then you will need to update
% this file.
%
% INPUTS : T_system , vector of standard pressures of all species in the mixture [ Pa ] ,
%

vector of actual adsorbed phase mole frac , and a fluid object.

%

WOULD NEED TO SEND IN ACTIVITY COEFFS AS A FUNCTION ; DOES NOT

%

YET HAVE THE ABILITY TO RECEIVE THEM.

% NECESSARY GLOBALS : Langmuir parameters for ALL ADSORBED SPECIES , and Po.
% OUTPUTS : s ( not

∆

s ) of the adsorbed phase [ J /K - kmol - mix ]

%
% A. Calbry - Muzyka
% 21 Jan. 2014
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
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global To Po xo mu_o Phio iN2 iCO2 Ru
global b0 d0 Nsatb Nsatd DUb DUd
% % First , find the enthalpy and Gibbs free energy of this state :
ga_mol

= ga_mol_L2 (T , Pstand_vec , x_vec , fluid ) ;

% J / kmol - mix

ha_mol

= ha_mol_L2 (T , Pstand_vec , x_vec , fluid ) ;

% J / kmol - mix

% % Now , solve for the molar entropy of this mixture :
sa_mol

= (1/ T ) *( ha_mol - ga_mol ) ;

% J /K - kmol - mix

end

D.2.4

Exergy

function xa_mol = xa_mol_L2 (T , Pstand_vec , x_vec , qtot , fluid )
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
% xa_mol = xa_mol_L2 (T , Pstand_vec , x_vec , qtot , fluid )
%
% Returns the molar exergy [ J / kmol - mix ] of the
% adsorbed phase , ASSUMING DUAL - SITE LANGMUIR form of the isotherm ,
% and an ideal gas vapor phase.
%
% Note that this uses the Cantera open - source package to solve for ideal
% gas properties. This is not necessary , but then you will need to update
% this file.
%
% INPUTS : T_system , vector of standard pressures of all species in the mixture [ Pa ] ,
%

vector of actual adsorbed phase mole frac , total loading

%

[ kmol / kg ] , and a fluid object.

%

WOULD NEED TO SEND IN ACTIVITY COEFFS AS A FUNCTION ; DOES NOT

%

YET HAVE THE ABILITY TO RECEIVE THEM.

% NECESSARY GLOBALS : Langmuir parameters for ALL ADSORBED SPECIES.
% OUTPUTS : x ( not

∆

x ) of the adsorbed phase [ J / kmol - mix ]

%
% A. Calbry - Muzyka
% 21 Jan. 2014
% %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%
global To Po xo mu_o Phio iN2 iCO2 Ru
global b0 d0 Nsatb Nsatd DUb DUd
% % First , find values for ua_mol and sa_mol.
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ua_mol

= ua_mol_L2 (T , Pstand_vec , x_vec , fluid ) ;

% [ J / kmol - mix ]

sa_mol

= sa_mol_L2 (T , Pstand_vec , x_vec , fluid ) ;

% [ J / kmol - mix ]

% % Now , find the molar exergy of this state.
xa_mol

= ua_mol - To * sa_mol - dot ( mu_o , x_vec ) - (1/ qtot ) * Phio ;

[ J / kmol - mix ]
end

%

...

Appendix E
Nomenclature
All symbols are listed with labels and suggested units where relevant.

E.1

Environmental state

 To : environmental temperature, 298.15 K
 Po : environmental pressure, 101325 Pa
 yo,N2 : N2 mole fraction, 0.753641
 yo,O2 : O2 mole fraction, 0.202157
 yo,H2 O : H2 O mole fraction, 0.034820
 yo,Ar : Ar mole fraction, 0.009015
 yo,CO2 : CO2 mole fraction, 0.000367

E.2

Roman symbols

 a: activity (Chapter 3)
 A: column cross-sectional area, m2 (Chapter 4)
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 A: Helmholtz function, J (Chapter 6)
 Ci : volumetric concentration of species i, kmol-i/m3 -gas
 c: specific heat capacity (for an incompressible substance), J/kg-K
 cp : constant-pressure specific heat capacity, J/kg-K
 cv : constant-volume specific heat capacity, J/kg-K
 DL : axial dispersion coefficient, m2 /s
 f : fugacity, Pa
 G: Gibbs function, J
 H: enthalpy, J
 Kα,β : adsorption constant, m3 -gas/kmol-i
 Keq : equilibrium constant
 Kz : thermal conductivity, J/m-K-s
 m: mass, kg
 M : molality, kmol/kg (Chapter 3)
 M̂ : molar mass, kg/kmol
 N : amount of species, kmol
 P : pressure, Pa
 q: sorbent loading, kmol-adsorbed/kg-sorbent
 Q: heat transfer, J
 rp : adsorption pellet size, m
 R or R̂: ideal gas constant, J/kmol-K

E.3. GREEK SYMBOLS
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 S: entropy, J/K
 t: time, s
 T : temperature, K
 U : internal energy, J
 v: interstitial velocity, m/s
 V : volume, m3
 W : work, J
 X: exergy, J
 x: mole fraction (in the liquid or adsorbed phase, if multiple phases are present)
 y: mole fraction (in the gas phase, if multiple phases are present)
 z: coordinate for length of column, m (Chapter 4)

E.3

Greek symbols

 α: effective loading, kmol-CO2 /kmol-MEA (Chapter 3)
 γ: activity coefficient (Chapter 3); ratio of specific heats (Chapter 4)
 ε: volumetric void fraction
 η: efficiency (e.g., ηx for exergy efficiency, ηs for isentropic efficiency)
 µ: chemical potential, J/kmol
 µg : gas viscosity, kg/m-s
 ν: stoichiometric coefficient
 φ: fugacity coefficient
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 ρ: density, kg/m3
 Φ: surface potential, J/kg-sorbent
 ψ: mass-specific flow exergy, J/kg (or mole-specific, ψ̂, J/kmol
 ω: lumped species transfer parameter, 1/s

E.4

Subscripts, superscripts, and accents

 a: adsorbed phase
 actual: in reality (as in Xsep,actual , the actual exergy of separation)
 b: at the boundary (as in Tb )
 comp: of compression
 crit: at the critical point
 dest: destroyed
 e: excess
 eq: at equilibrium
 g: gas phase
 gen: generated
 HP : high pressure
 i: of species i
 IP : intermediate pressure
 LC: local contribution term
 LP : low pressure

E.5. ACRONYMS OR ABBREVIATIONS

 o: environmental state
 P DH: Pitzer-Debye-Huckel term
 Q: with heat transfer
 s: sorbent phase
 s: at saturation (subscript in isotherm expression)
 sep: of separation (as in Xmin,sep , the minimum exergy of separation)
 W : with work
 α and β: adsorption site types (Chapter 4)
 ˆ: molar
 ˙: rate
 ˜: per mass of sorbent, 1/kg-sorbent
 ∗ : reference state

E.5

Acronyms or abbreviations

 Ads.: adsorption step in a VSA cycle
 ASU: air separation unit
 BD: blowdown step in a VSA cycle
 CCS: carbon capture and sequestration
 CFWH: closed feedwater heater
 CIT: combustor inlet temperature
 COE: cost of electricity
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 CPU: CO2 purification unit
 DOE: U.S. Department of Energy
 Evac.: evacuation step in a VSA cycle
 EPRI: Electric Power Research Institute
 FGD: flue gas desulfurization
 HHV: higher heating value, J/kg
 HRSG: heat recovery steam generator
 IAS: Ideal Adsorbed Solution
 IEA: International Energy Agency
 IGCC: integrated gasification, combined cycle power plant
 IL: ionic liquid
 IPCC: Intergovernmental Panel on Climate Change
 LDF: linear driving force
 LHV: lower heating value, J/kg
 MDEA: methyl diethanolamine
 MEA: monoethanolamine
 MOF: metal-organic framework
 NETL: U.S. National Energy Technology Laboratory
 NGCC: natural gas, combined cycle power plant
 NNES: number of non-environmental species
 NRTL: non-random, two-liquid activity coefficient model

E.5. ACRONYMS OR ABBREVIATIONS
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 NS: number of species (in Chapter 5, number of environmental species)
 ODE: ordinary differential equation
 OFWH: open feedwater heater
 PC: pulverized coal plant
 PDE: partial differential equation
 PR-BM: Peng-Robinson equation of state with Boston-Mathias extrapolations
 Press.: pressurization step in a VSA cycle
 PSA: pressure-swing adsorption
 PVSA: pressure-vacuum-swing adsorption
 PZ: piperazine
 SCATR: supercritical, auto-thermal Rankine
 TIT: turbine inlet temperature
 TRL: Technology Readiness Level
 TSA: temperature-swing adsorption
 VSA: vacuum-swing adsorption
 WENO: weighted, essentially non-oscillatory scheme
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